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Abstract 
The production of synthetic fertilisers from traditional sources has several issues regarding 
sustainability, particularly the energy intensity required for production, limited mineral 
resources and loss of terrestrial environment. Nutrient recovery from wastewaters is an 
opportunity for alternative fertiliser manufacture, largely due to the high quantities of 
nutrients present. Electrodialysis (ED) is an optimal technology to recover, particularly, 
NH4
+
-N and K
+
-K. In this thesis, a mechanistic modelling approach is used to study ED for 
nutrient recovery. Existing ED models lack the capacity to mechanistically evaluate complex, 
multi-ion solutions (like real wastewater), the integration of electrochemistry and 
physicochemical phenomena across the whole reactor domain, and model validation using 
system dynamics. These limitations are addressed by development of a mechanistic 
modelling approach, with key mechanisms determined through targeted laboratory scale 
experiments using synthetic and real wastewaters. The first major study in this thesis includes 
development of a mechanistic model validated using dynamic experiments fed with synthetic 
wastewater. It was found that membrane resistance was the major contributor to potential 
drop and that apparent boundary layers were relatively thick (3 ± 1 mm) due to reactor design 
and operational conditions. This study also established that non-ideal solution effects such as 
ion pairing and ionic activity had a major impact, enhancing the capability of ED to recover 
monovalent nutrient ions such as K
+
 and NH4
+
. The second major study used real centrifuged 
anaerobic digester rejection water (centrate) to study membrane scaling. Dynamic laboratory 
experiments demonstrated electro-concentration of nutrients in centrate to several times the 
feed concentration. An 87±7% by weight reduction in scale occurred when the centrate was 
pre-treated by upstream struvite recovery and the product pH was controlled at pH 5, 
compared to untreated centrate and no pH control. A mechanistic model for the inorganic 
processes was developed by extending the previously developed model to include the 
composition of a real wastewater feed solution and precipitation. This extended model 
revealed a reduction in struvite scale to the removal of phosphate during the struvite pre-
treatment, and reduction in calcium carbonate scale to pH control resulting in the stripping of 
carbonate as carbon dioxide gas; indicating that multiple strategies may be required to control 
precipitation. A third major study evaluated the mechanisms limiting high product 
concentrations during electro-concentration of synthetic urine. Modelling this system using 
similar methods to the first study identified that high concentrations in the product are 
prevented by back diffusion of ions across the membrane, current leakage (when buffering 
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capacity is exhausted), and water fluxes across the membranes. Mechanistic discoveries in 
this thesis provide practical guidelines for pilot and full-scale operation of nutrient electro-
concentration. The process of model development has extended the existing literature to 
quantify previously difficult to measure mechanisms such as competitive current transport 
between multiple ionic species, current leakage related to pH and solution composition, 
mechanisms for precipitation, and limitations to high product concentrations. Modelling 
methods developed here aim to be nonspecific and may be readily adapted to study other 
electrochemical membrane systems, thereby encouraging future applications. 
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Chapter 1 – Introduction 
1.0 Chapter 1 overview 
This chapter begins by outlining the broader context before leading into the more refined 
context of the thesis. It presents some background about synthetic fertilisers, and issues 
regarding the current methods of production, suggesting nutrient recovery from wastewater as 
an increasingly important source for fertiliser elements. The technology options for nitrogen 
and potassium recovery from reject digester liquor (centrate) are discussed, before choosing 
electrodialysis (ED) as the optimum technology choice. An overview of ED is provided, and 
from the literature, several possible limitations of this technology are outlined including: the 
difficulties of feeding with real wastewater, membrane scaling and fouling, water fluxes 
diluting the concentrate stream, and ammonia loss through volatilisation. A modelling 
approach to address these limitations is discussed, and a literature review identifies research 
gaps including the capacity to model complex, multi-ion solutions like real wastewater; the 
integration of electrochemistry and physicochemical phenomena across the whole reactor; 
and model validation using system dynamics. Finally the specific research objectives are 
defined and the thesis structure is outlined based on the research gaps identified in this 
review. 
1.1 Research motivation 
In the coming decades agricultural industries will require global production yields 
significantly higher than at present (Food and Agriculture Organization of the United Nations 
2014; Jasinski et al. 1999). To overcome this challenge, agricultural industries must 
endeavour to provide reliable, higher yielding crops on a finite amount of land space and at a 
reasonable cost. Crops require 14 types of mineral nutrients to grow successfully (Marschner 
2012). However, the majority of the commercial fertiliser industry is concerned with 
nitrogen, phosphorous and potassium (NPK) as these are required in the largest quantities. 
Synthetic NPK fertiliser has been described as the most important factor responsible for the 
drastic increases in crop yields seen over the past 100 years (Erisman et al. 2008; Smil 2002) 
and agricultural application of fertiliser is required to provide sufficient quantities of food to 
feed the global population. Unfortunately, synthetic fertilisers have a multitude of issues 
regarding the sustainability of their production and use (Jones et al. 2012; Rockstrom et al. 
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2009). While there are issues of producing as well as the application of synthetic fertilisers, 
this thesis will only consider recovery of elements. 
Nitrogen is the most abundant gas in the Earth’s atmosphere. However, nitrogen gas (N2) 
must be fixated into a biologically available form such as ammonia, ammonium, urea or 
nitrogen oxides for effective plant uptake (Marschner 2012). The Haber-Bosch process is the 
major technological pathway used to fixate nitrogen and it is estimated that 1.5% of the total 
world energy consumption and 1-2% of the total world’s greenhouse gas (GHG) emissions 
are from this process (Smil 2001). In the past, natural gas pricing plus higher demand have 
increased ammonia prices from $150 ton
-1
 (1998-2000) to $600 ton
-1
 (2012-2013) (Batstone 
et al. 2014; Fertecon 2013a). If energy costs continue to increase in the future then this will 
flow into a higher cost of nitrogenous fertilisers and thereby increase the cost of food for the 
end consumer.   
Despite the importance of nitrogen, increasing the yield of global food supplies in the future 
will be predominantly dependent on phosphorous (Cordell et al. 2011). Phosphorous 
fertilisers are produced by mining phosphorous rock at a rate of 19 Mt P y
-1
 (Food and 
Agriculture Organization of the United Nations 2011), with 50-60% of mined phosphate rock 
being used for fertiliser manufacture (Smil 2000). The mining of phosphate rock occurs at a 
rate orders of magnitude higher than the natural formation rate. At current rates of extraction 
it is suggested that the demand will be greater than the supply by 2035 (Cordell, Drangert & 
White 2009). Phosphate rock is heavily concentrated in 5 countries: Morocco, Iraq, China, 
Syria and Algeria (Jasinski 2012). Therefore, if the supply from these countries is disrupted 
then this could have significant global consequences.  
Potassium based fertilisers (commonly entitled potash, K2O) are also derived from mineral 
resources at a rate significantly higher than the rate of natural formation. Based on global 
estimates, mineral deposits of potassium should last in the range of hundreds of years 
(Jasinski 2011; Schjonnung, Elmholt & Christensen 2004). Like phosphate rock, the global 
reserves of potassium are not evenly distributed. Canada and Russia have large 
commercialised reserves of potassium while others, like Australia, have little to no 
commercial potassium production (Jasinski 2012). In addition, potassium prices have more 
than doubled in the past 10 years (Fertecon 2013b; Mehta et al. 2015).  
 3 
Based on current trends in fertiliser production and use, novel methods of synthetic fertiliser 
production must be developed to sustainably support current and growing needs into the 
future (Lal 2004). Sustainable methods should incorporate nutrient recovery and recycling, 
low energy consumption and localised production. Wastewater streams have been identified 
as a potential resource for nutrient recovery and are a key attribute of the rebranding of 
wastewater treatment plants (WWTPs) to resource recovery facilities (RRFs) (Guest et al. 
2009; Mehta et al. 2015; Mo & Zhang 2013; Verstraete & Vlaeminck 2011). A paradigm 
shift to nutrient recovery from wastewater would transform the existing linear nutrient 
pathway to a more cyclical system. As shown in Figure 1.1, the previous paradigm in 
wastewater treatment (WWT) was to remove nutrients in inert forms from the wastewater 
before discharging the treated water into natural waterways. The majority of these types of 
treatment methods are designed such that excess nitrogen is transferred back to atmospheric 
gas, and solid phosphorous is taken to landfills in the form of biosolids (Jones et al. 2013). 
Some nutrients may be recovered if the biosolids from the wastewater treatment process are 
further treated to become fertiliser.  
 
Figure 1.1: A simple flowchart of existing domestic nutrient cycles. The light blue line 
connects the key parts involved in the paradigm shift towards nutrient recovery from 
wastewater. 
 
On a global scale Batstone et al. (2015) suggests that all of the phosphorous and potassium 
fertiliser markets and approximately 50% of the nitrogen market can be supplied by nutrients 
recovered from waste streams. The main reason only 50% of nitrogen can be recovered is 
losses during agricultural application (Matassa et al., 2015). Of particular interest is that the 
majority of nutrients entering domestic sewers originate from urine, including 9.2 gN, 0.7-0.8 
gP and 2.2-2.9 gK per person, per day of nitrogen, phosphorous and potassium, respectively 
(Larsen, Udert & Lienart, 2013, Udert, Larsen & Gujer, 2003a). 
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Despite the potential for nutrient supply from wastewater, technology options for recovering 
nitrogen and potassium are not as widely covered in the literature as for phosphorous, which 
can be efficiently removed from anaerobic digester reject water streams (common in most 
WWTPs) using struvite or calcium phosphate precipitation (Booker, Priestley & Fraser 1999; 
Forrest et al. 2008; Mehta et al. 2015, Tran et al. 2014). Although the immediacy of 
phosphate rock depletion makes phosphorus recovery a high priority for research, the largest 
knowledge gap and opportunity for development relates to the recovery of nitrogen and 
potassium. Therefore the following sections will outline existing and emerging technologies 
for the recovery of nitrogen and potassium from wastewater, and the preferred choice of 
technology studied in this thesis. 
1.2 Opportunities for nutrient recovery 
There are several opportunities associated with nutrient recovery in a centralised RRF, but the 
main focus in this thesis is the side-stream of domestic anaerobic digester liquid effluent 
which has been passed through a centrifuge. Hereafter referred to as centrate. Benefits of 
nutrient recovery from centrate include: a) the wastewater has already been stabilised, and 
organic material removed through anaerobic digestion; b) the nutrient ions are available in 
the form they may be recovered in, e.g. aqueous NH4
+
-N, K
+
-K and PO4
3-
-P and; c) nutrients 
are generally two orders of magnitude higher concentration compared to that entering the 
RRF (the exact amount will vary considerably based on the characteristics of the wastewater 
and the design and operation of the RRF). This liquid side-stream from the digester section is 
often recycled back to the start of the RRF, forming approximately 20% of the nutrient load 
to the plant (Mbamba et al. 2016). Therefore removal of nutrients from this stream would 
also reduce overall system nutrient loads.  
Anaerobic digesters are a very common unit in WWT across the world. A unit operation 
which could remove and recover dissolved nutrient ions from centrate would have a great 
impact if it could create a commercial by-product, as well as delay mainstream infrastructure 
upgrades by decreasing influent nutrient loads. Struvite (MgNH4PO4.6H2O) is the most 
common compound recovered via this method, other products like calcium phosphate, 
magnesium potassium phosphate and iron phosphate can be produced depending on the 
composition of the waste stream (Mehta et al. 2015, Tran et al. 2014). 
 
 5 
1.3 Technology options for nitrogen and potassium recovery from centrate 
1.3.1 Nutrient recovery technology classes 
Mehta et al. (2013) identified a method of classifying nutrient recovery technologies into the 
following categories: nutrient accumulation; nutrient release; and nutrient recovery. In some 
cases it is necessary to accumulate nutrients prior to performing other steps, as wastewater 
streams often contain low concentrations of nutrients (<100 mg L
-1
). In other cases, nutrient 
release is important to extract nutrients from insoluble forms to soluble forms (i.e. N-NH4
+ 
and K-K
+
) so that recovery can effectively occur. In centrate the nutrients are already released 
and in soluble form at a relatively high level, ready for accumulation and/or recovery. 
Applicable technologies for nitrogen and potassium accumulation and recovery are outlined 
below. 
1.3.2 Air stripping 
Air-stripping is driven by the partial pressure difference between constituents in the waste 
stream and adjacent air (Tchobanoglous, Burton & Stensel 2003). Ammonia in the system is 
transferred from the liquid phase to the gas phase. Product ammonia must then be condensed, 
absorbed or oxidised to create a concentrated fertiliser product (Mehta et al. 2015).  This 
requires high pH (such that ammonia is in the free form) and high temperature, to reduce 
solubility and increase the gas transfer coefficient. Potassium cannot be recovered by air 
stripping.  
1.3.3 Gas permeable membranes 
Gas permeable membranes are used to recover ammonia from the liquid to the gas phase. Gas 
permeable membrane processes are driven by the partial pressure difference between the 
waste solution and product solution streams (Norddahl et al. 2006). Ammonia volatises 
through the hydrophobic membrane as it moves by convective and diffusive transport (Mehta 
et al. 2015; Tan et al. 2006). This process is difficult to operate at ambient temperature and 
pH, due to ammonia solubility. There is no significant advantage of gas permeable membrane 
separation compared with stripping, and potassium cannot be recovered in this way. 
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1.3.4 Adsorption and ion-exchange 
In both of these processes ion transfer occurs from the solution to charged surfaces of sorbent 
materials. Aspects which affect the preference for an ion in solution to the exchange media 
include the magnitude of the valence, diffusivity of the ion and physical properties of the 
sorbents, such as functional group (Mehta et al. 2015), meaning different media are required 
for recovery of different ionic species. Spent sorbents must be periodically regenerated 
(Tchobanoglous, Burton & Stensel 2003), which incurs an operational cost.  
1.3.5 Chemical recovery  
The precipitation of certain nutrient compounds using crystallisation can produce a solid or 
liquid fertiliser which can easily meet regulatory limits and with a relatively simple process 
(Forrest et al. 2008; Munch & Barr 2001). Struvite recovery is becoming widely adopted for 
phosphorous recovery, but pure struvite is only 6% by weight ammonium and does not 
contain potassium. A potassium containing form of struvite (KMgPO4.6H2O) is known, but 
effectively replaces the ammonium with potassium preventing simultaneous recovery of all 
three macronutrients. However, a disadvantage of crystallising compounds is that limiting 
reagents must often be added to the wastewater stream as the concentrations in the 
wastewater do not amount to supersaturated conditions of the desired product (Mehta et al. 
2015). 
1.3.6 Bioelectrochemical systems 
Nitrogen may be recovered in bio-electrochemical systems (BESs). Nitrogen can be 
recovered through biological processes or through the mechanism of ammonium transport 
and stripping (Kelly & He 2014; Zhang & Angelidaki 2014). Microbial fuel cells (MFCs), 
microbial electrolysis cells (MECs), microbial desalination cells (MDCs) or a combination of 
the above, are the systems which may be used for these types of recovery processes (Zhang & 
Angelidaki 2014). At present, it is likely that nitrogen recovery is a more advantageous 
option for MFC processes compared to energy production, due to the low cost of electricity 
(Kelly & He 2014). In a recent review of these technologies, Kelly and He (2014) concluded 
that BES nutrient recovery systems have potential, but would require a niche-based 
application. This means these processes are limited in terms of wide-spread application and 
use, relying on specific wastewater streams and products where this technology could provide 
economic advantage over existing options.   
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1.3.7 Electrochemical systems 
Electrochemical oxidation of ammonium has been demonstrated on wastewater (Anglada, 
Urtiaga & Ortiz 2009; Ding et al. 2013). However, this process involves the conversion of 
ammonium to nitrogen gas. It is successful at removing nitrogen from the wastewater, but 
because it completely oxidises the nitrogen out of its fixated forms it is not practical for 
nitrogen recovery for fertiliser. However, another type of electrolysis cell has been 
investigated by Desloover et al. (2012) for the recovery of ammonium from centrate. A two 
chamber electrochemical cell is used to concentrate ammonium ions in the cathode at high 
pH. Stripping of ammonia occurs in the catholyte due to high pH and ammonia is removed 
from the stream. This technology by Desloover et al (2012) is only appropriate for 
ammonium recovery and is reliant on the mechanism of ammonia volatilisation so is not 
applicable to potassium recovery. 
Electrodialysis (ED) is another electrochemical process which uses an applied electrical 
current as a driver to separate dissolved, charged ions through a series of ion exchange 
membranes (IEMs) (Strathmann 2010). ED concentrates any type of soluble and charged 
nutrient ion such as PO4
3-
, NH4
+
 and K
+
 (Ippersiel et al. 2012; Mondor et al. 2008). Provided 
the sodicity in the product solution is low enough and that there are no unwanted 
contaminants, the product could be used as a liquid fertiliser. Alternatively, this stream could 
be used for direct application as a nutrient source e.g. growing algae for biofuels and higher 
value non-consumable products, or another option is denoxification of exhaust gases of 
power stations and waste incinerators. ED could also function as an accumulation unit and be 
coupled with downstream recovery units such as ammonia absorption or stripping (Ippersiel 
et al. 2012) and ion exchange for potassium recovery, which would operate more efficiently 
with upstream electro-concentration.  
1.3.8 Evaluation 
ED is further studied in this PhD. From the aforementioned technology options ED is chosen 
for two key reasons: technical benefits and the opportunities for future research. The key 
technical benefits relating to ED are that it is applicable to a broad range of nutrient source 
streams such as domestic or agricultural wastewater. It can be used to concentrate nutrients to 
produce a liquid fertiliser, or can be combined with a complementary technology such as air 
stripping or ion exchange to produce a more refined product. It has already been successfully 
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trialled at laboratory scale for nutrient recovery from RO concentrate wastewater and liquid 
swine manure (Ippersiel et al. 2012; Zhang et al. 2013a). Two key advantages of ED over the 
other technology options are (1) that it does not alter the form of the nutrients, that is, 
nutrients remain the same ionic species and (2) it can be used to concentrate any type of 
nutrient ion that is soluble and charged.  
ED has been in use for several decades, but it has only recently been considered for nutrient 
recovery. The largest application of ED is for brackish water desalination, the second largest 
is industrial process water demineralisation and treatment, and another key industry is the 
concentration of salt from seawater (Baker 2004; Strathmann 2010). There is much existing 
literature on mechanisms, optimisation and operation of ED in these types of systems. 
However, there is a gap in the literature in evaluating these mechanisms in WWT. 
Wastewater presents the added difficulties of a complex, multicomponent solution as well as 
the presence of inorganics with low solubility (calcium, magnesium and phosphates) and 
organics which can accelerate membrane scaling and fouling issues.  
1.4 Electrodialysis process fundamentals  
1.4.1 Overview of principles 
As previously mentioned, ED uses applied electrical current to separate dissolved and 
charged ions as they transport through a series of IEMs. IEMs are usually stacked in a 
sequence of alternating cation exchange membranes (CEMs) and anion exchange membranes 
(AEMs). CEMs and AEMs predominantly allow only cations or anions to pass through, 
respectively. Feed and product solutions (also referred to as the diluate and concentrate, 
respectively) pass through the cell in the space between the membranes, parallel to the flat 
surface of the membranes. These spaces between the membranes are commonly referred to as 
chambers. Feed and product solutions are fed in and out of the cell in a similarly alternating 
sequence to the membrane configuration. Two membranes and two chambers form what is 
called a cell pair and an ED unit stack is comprised of many of these cell pairs. On either end 
of the stack are terminal electrodes, one cathode and one anode. Current is applied between 
the electrodes which induces a potential difference within the cell. This creates a driving 
force for the migration of dissolved, charged ions in the direction perpendicular to convective 
flow. Due to the alternating sequence of membranes as well as concentrate and diluate 
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chambers, the concentration of the concentrate increases and that of the diluate decreases. 
This description corresponds to Figure 1.2.  
 
 
Figure 1.2: Diagram of an electrodialysis unit. 
 
1.4.2 Key mechanisms 
Migration and diffusion 
The major types of ionic transport in ED are convection, migration and diffusion. Convection 
occurs in the y-direction shown in Figure 1.2 as fluid is mechanically pumped through the 
cell. Migration transports ions in the x-direction. In the presence of an electrical potential 
gradient, cations migrate in the direction towards the cathode and anions in the direction 
towards the anode. Diffusion is driven by concentration gradients, predominantly in the x-
direction, and can result in a driving force opposite or in the same direction as migration. In 
ED a phenomena called concentration polarisation occurs close to the membranes which is 
referred to as the diffusion boundary layer (DBL). Within the DBL, ion transport is 
dominated by migration and diffusion, while convection is considered to be negligible 
(Galama et al. 2014; Nikonenko et al. 2003). Concentration polarisation occurs due to the 
flux gradient towards the membrane, including the flux discontinuity across the membrane 
(Strathmann 2010). In the solution the flux due to migration is distributed between cations 
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and anions. However, in the CEMs or AEMs the flux due to migration is predominantly 
carried only by the counter-ions (i.e. the cations in a CEM, or anions in an AEM). This 
causes an accumulation of ions on the product side of the membrane and a depletion of ions 
on the feed side. This phenomenon can have implications to process energy efficiency as the 
depleting DBL can result in large potential differentials. These mechanisms are illustrated in 
Figure 1.3.  
 
Figure 1.3: Diagram of ionic transport in electrodialysis chambers and diffusion boundary 
layers (adapted from Strathmann, 2010). The grey areas on the inlay indicate diffusion 
boundary layers, subscript diff relates to diffusive flux, subscript mig to migratory flux, and 
subscripts a, c and s refer to anions, cations and all species, respectively. 
 
Flux and current relationship 
Equation 1.1 is commonly used to describe the relationship between applied current density 
(I) and the resulting ionic flux in electrodialytic systems (Kim, Walker & Lawler 2012; Moon 
et al. 2004). Here, the summative flux of charges in the solution is determined to be 
proportional to the applied current, assuming no other current losses.  
𝐼𝑇 = 𝐹 ∑ 𝑧𝑖𝐽𝑖𝑖                                                                 ( 1.1 ) 
where 𝐼𝑇 is the total current passing through the stack (A), 𝐹 is Faraday’s constant (C mol  
eq
-1
), 𝑧𝑖 is the charge on ion i and 𝐽𝑖 is the flux of ion i (mol s
-1
). 
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Mass and energy relationship 
As described above, ED is an electrochemically driven process, and energy and mass 
balances are interlinked. A generalised equation for current use on a given salt for an ED 
stack (at steady state, no reactions) is given by Equation 1.2 (Lee et al. 2002; Strathmann 
2010). 
𝐼𝑇 =
𝑧𝑄𝐹Δ𝐶𝑃
 𝜉𝑁
                                                                  ( 1.2 ) 
where 𝑧 is the charge on the ion of for a single ion pair system (e.g. NaCl solution), 𝑄 is the 
product convective flow rate (m
3
 s
-1
), Δ𝐶𝑃 is the concentration difference between the outlet 
product stream and the inlet product stream (mol m
-3
), 𝜉 is current utilization or current 
efficiency and 𝑁 is the number of cell pairs. 
The estimated total energy required to power an ED cell is given by Equation 1.3 
(Strathmann 2010).  
𝑃𝑤 = 𝐼𝑇𝐸𝑇 =  ?̅?𝑇𝐼𝑇
2 =  ?̅?𝑇 [
𝑧𝑄𝐹Δ𝐶𝑃
 𝜉𝑁
]
2
                                           ( 1.3 ) 
where 𝑃𝑤 is the power consumed (W), 𝐸𝑇 is the total potential drop (V) and ?̅?𝑇 is the average 
internal resistance in the stack (Ω). This equation is only valid for current densities lower 
than approximately ¾ of the limiting current density as above this current density the use of a 
constant 𝑅 ̅𝑇 is no longer valid. Equations 1.2 and 1.3 demonstrate the general relationship 
between applied power and mass transport. The parameter which incorporates key process 
limitations is the current efficiency, 𝜉. This term relates the theoretical maximum ionic 
separation to the actual rate of ionic separation. Electron flow must be matched by total ion 
flow in an electrochemical system, and efficiencies of less than 1.0 are caused by proton and 
hydroxide migration. 
These models are useful for comparing experimental and operational performance between 
two or more processes, but they lump mechanistic effects in the empirical parameters of 
current efficiency and internal resistance. They are limited in their capacity to adequately 
account for the underlying mechanisms in the process. They are highly configuration specific, 
and the parameter is really just a normalised (time average) measure of the system and 
operating conditions, rather than an underlying characteristic parameter. Hence, these models 
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are valid for comparing the performance of several different processes or estimating certain 
process parameters, but they do not provide a detailed mechanistic description of the process. 
Molecular mass transport models such as the Stefan-Maxwell, Spiegler, Onsager and Kedem-
Katchalsky or the Nernst-Planck equations may be used to more fundamentally describe the 
mechanistic fluxes (𝐽𝑖) of ions in ED (Nikonenko et al. 2002). These models are discussed 
further in Section 1.5, after an application focused review of ED for nutrient recovery. 
1.4.3 Nutrient recovery using electrodialysis 
Several studies have highlighted the applicability of nutrient recovery from waste streams 
using ED. The recovery of nitrogen from liquid swine manure was first described in Mondor 
et al. (2008) and the concept was further refined in Mondor et al. (2009) and Ippersiel et al. 
(2012). These studies indicate that ammonia recovery from swine manure is feasible and ED 
coupled with a secondary technology such as air stripping may be used to concentrate 
ammonia more than ED alone. Zhang et al. (2013a) developed a method for selectively 
concentrating phosphorous from an anaerobic reactor effluent of a potato processing plant. 
Their work builds from Zhang et al. (2012) in which a ‘selectrodialysis’ process is innovated 
with the specific purpose of separating monovalent and multivalent anions, as well as Zhang 
et al. (2011b) in which the separation of small organic ions from salts was investigated. 
Acevedo-Morantes, Colon and Realpe (2011) recovered nitrate and potassium from wheat 
leachate. They investigated the effect of different applied voltages on target ion selectivity as 
well as membrane fouling from organics. Mondor et al. (2008) observed a 3.8 fold increase in 
potassium during experiments involving the concentration of ammonium from swine manure. 
These results indicate that potassium recovery is achievable. 
These studies highlight repeating issues common to nutrient electro-concentration. These 
include membrane fouling and/or scaling, ionic transport limitations, osmotic and electro-
osmotic water transport, ammonia volatilisation, pH fluctuations and the presence of 
organics. ED has been considered for a wide variety of nutrient recovery applications, but not 
yet using centrate and not for the specific purpose of recovering ammonium and potassium. 
1.4.4 Electrodialysis for centrate electro-concentration 
Centrate is comprised of many chemical components making ED more complicated than 
traditional ED processes for desalination. Electrical current that would ideally be used to 
migrate target ions into the product is proportioned between all the ions in the system leading 
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to lower current efficiency in concentrating the target ions. In addition, ionic interactions can 
increase system resistance as steric and charge effects between ions of different species may 
prevent the transport of target ions into the product stream.  
Process and membrane characteristics are known to affect the relative transport of different 
types of ions in complex multicomponent solutions like centrate. For example, Mondor et al. 
(2008) identified that the system characteristics affecting ammonium transport through a non-
selective or monovalent selective membrane are (1) minimising membrane thickness, (2) 
increasing the ion-exchange capacity of the membrane and (3) increasing area conductance. 
Similarly, Song, Jiang and Cheng (2012) used an orthogonal experiment to determine that the 
most important factors affecting the rate of transport of ammonium ions in ammonium 
chloride solution are the concentration of the feed, the concentration difference between feed 
and product, and the applied voltage. Zhang et al. (2009) has identified that lowering the 
current density can improve the relative transport of monovalent anions compared to 
multivalent anions across both non-selective and monovalent selective membranes. However, 
they also identified that it is harder to separate non-nutrient anions from target species, such 
as nitrate and phosphate, when species are of similar size and charge. Later, Zhang et al. 
(2013b) developed a process which includes a repeated cell trio (as opposed to a cell pair) 
comprising a nonselective CEM, nonselective AEM and monovalent selective AEM so as to 
isolate multivalent anions and successfully enable separation of monovalent and multivalent 
cations. The limitation with all the relationships described above is that they are presented 
qualitatively and/or specific to the conditions of the experiments in which they were 
determined. In order to fully utilise these fundamental ideas in process development they 
need to be generalised.  
1.4.5 Membrane limitations 
Fouling and scaling of membranes are key limitations to ED processes and this is reiterated 
throughout the literature (Banasiak 2009; Zhang et al. 2009). Scaling is a precipitation 
process involving low solubility salts, which often results in a scale layer on the product side 
of the CEM (Banasiak 2009; Mikhaylin & Bazinet 2016). Colloidal, organic and biofouling 
commonly foul the diluate side of the AEM, and the responsible contaminants may be non-
dissolved (as in colloidal fouling) or dissolved (as in organic fouling) (Banasiak 2009; 
Mikhaylin & Bazinet 2016). It is possible that scaling and fouling may occur on both the 
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membrane surface and internally within the membrane matrix, the latter is sometimes 
referred to as membrane poisoning (Banasiak 2009). 
Much of the membrane inhibition research is based on AEMs because they are more prone to 
fouling than CEMs are to scaling or fouling (Mondor et al. 2009). Total organic carbon 
(TOC) content can affect the rate of AEM fouling more significantly than for CEMs because 
negatively charged organics migrate towards the anion exchange membranes, particularly 
large molecular weight weak acids (Acevedo-Morantes, Colon & Realpe 2011). Ammonium 
and potassium are both positively charged ions, therefore this study will focus on CEM 
transport. Despite the fact that CEMs are less prone to fouling than AEMs, inorganic CEM 
scaling and fouling will still occur and the rate of scaling will be an important consideration 
in process design. Mondor et al. (2008) found that over the course of 10 laboratory 
experiments using liquid swine manure the current decreased as time went on, indicating that 
fouling or scaling was occurring at a relatively fast rate. However, Pronk et al. (2007) 
observed that over two week experiments with urine that fouling was not significant, but that 
fouling occurred in significant amounts when the same system ran for 195 d. Zhang et al. 
(2011a) was able to successfully lower the rate of scaling by identifying that the charge on 
carbonate and the transport of carbonate ions in the system was a crucial factor in the rate of 
scaling during ED of RO concentrate. Understanding the rate of membrane scaling is clearly 
related to the specific conditions of the system and solution composition. Understanding the 
causes of scaling will help to determine methods to reduce the rate of scaling.  
1.4.6 Osmosis and electro-osmosis 
Osmosis and electro-osmosis cause water to transfer across IEMs during ED. Osmosis is 
water transport driven by ion concentration differences across the membrane. Electro-
osmosis is the transport of water attached to solvated anions and cations which migrate or 
diffuse through the IEMs. Mondor et al. (2008) and Ippersiel et al. (2012) identified osmosis 
and electro-osmosis as being key process constraints when trying to maximise product 
concentrations of ammonium from swine manure. Pronk, Biebow and Boller (2006) 
developed a model for determining water transport due to osmosis and electro-osmosis which 
relates the rate of transport to the osmotic pressure difference and the transport of charged 
equivalents. Their study also identified that osmosis and electro-osmosis can limit the 
concentration of nutrients in the product. Zhang et al. (2011b) demonstrated that it is possible 
to neglect these effects in relatively low concentration processes using synthetic wastewater. 
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However, they had the aim to separate nutrient ions from charged organics and not to achieve 
high product concentrations. It appears osmosis and electro-osmosis can have an impact on 
process optimisation where high concentrations, large concentration gradients or large 
pressure gradients are present. Therefore osmotic effects should be taken into account when 
studying product concentrations.  
1.4.7 Ammonia volatilisation 
Isolating and recovering aqueous ammonium means that it is necessary to control the pH 
below the ammonium/ammonia pKa (Ippersiel et al. 2012). Non-ionised ammonia will not 
migrate through the membranes into the concentrate solution, and indeed, may back diffuse 
through the membrane in free form. Additionally, free ammonia can be volatised and lost. 
For example, Mondor et al. (2008) observed significant ammonia volatilisation in their 
experiments with liquid swine manure. 
1.5 Modelling electrodialysis 
There are many existing models of ED for conventional processes such as desalination and 
heavy metals removal. Many, but not all, models determine empirical parameters that 
characterise the system for a given salt and set of operating conditions. Existing models 
largely focus on describing process operating conditions (Kodym et al. 2012; Sadrzadeh, 
Kaviani & Mohammadi 2007), DBL transport effects (Kim, Walker & Lawler 2012), over-
limiting current mechanisms (Nikonenko et al. 2010; Zabolotskii et al. 2013) or identifying 
membrane properties in relation to ion transport (Kraaijeveld et al. 1995). Four modelling 
elements are required to mechanistically study system performance relating to inorganic ion 
transport during nutrient recovery from centrate. These elements include the capacity to 
model a) multi-ion systems, b) pH, c) speciation (ion pairing and acid base dissociation), and 
d) scaling of the membranes. A summary of existing literature relating to these elements is 
shown below in Table 1.1. 
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Table 1.1: Summary of existing electrodialytic modelling approaches. 
Paper Modelling approach 
Modelling method includes: 
Multi-ion 
systems 
pH 
Acid-base 
dissociation 
Scaling 
Kim, Walker and Lawler (2012) - 
How boundary layer affects the 
competitive transport between di- 
and mono-valent cations. 
2D analytical Nernst-Planck with  3 
chamber IEM and DBL 
compartmentalisation, DBL thickness 
considered a random variable.  
1 anion,   
2 cations × × × 
Moon et al. (2004) - Transport 
mechanisms of KCl though IEMs 
with applied potential.   
1D and 2D batch and continuous 
Nernst-Planck equation with 3 chamber 
IEM and DBL compartmentalisation.  
1 anion,    
1 cation  × × × 
Nikonenko et al. (2003) - 
Solutions of weak electrolytes 
like bicarbonate. 
1D Nernst-Planck with 3 chamber IEM 
and DBL compartmentalisation. 
1 uncha-
rged,        
2 cation,  
3 anions  
  
× 
 
Nikonenko et al. (2010) - 
Understand phenomena of mass 
transfer at over limiting currents. 
Nernst-Planck for mass transport under 
limiting current. Nernst-Planck-Poisson 
for transport over limiting current.  
N/A  
  × 
Zabolotskii et al. (2013) - A 
theory for over limiting current. 
1D numerical model using the Nernst-
Planck-Poisson equation. 
4 unspe-
cified ions  × × 
Tanaka (2013) - Desalination of 
saline solutions. 
1D numerical model using a mass and 
energy balance approach. 
Unspecifi-
ed salt 
solution.  
× × × 
Kodym et al. (2012) - Extends 
models to provide an effective 
tool for ED process optimisation. 
2D batch and continuous Nernst-Planck 
considering spatial variation and non-
uniform hydrodynamics.  
1 anion,   
1 cation × × × 
Lee et al. (1998) - Models lactic 
acid recovery from unwanted 
non-ionic molecules. 
1D numerical model including water 
splitting using bipolar membranes. 
1 anion,   
1 cation × × × 
Kraaijeveld et al. (1995) - 
Overcome problems determining 
IEM properties, IEM diffusion 
coefficients and mass transfer. 
1D numerical Maxwell-Stefan equation 
considering 3 chamber IEM and DBL 
compartmentalisation. 
1 anion,             
2 cation/  
2 anions, 
1 cation 
 × × 
Sadrzadeh, Kaviani and 
Mohammadi (2007) - Predicts 
cell behaviour based on different 
operating conditions. 
1D numerical model using a 
fundamental mass and energy balance 
approach. 
1 cation × × × 
Ortiz et al. (2005) - Desalination 
of brackish water. 
1D numerical model using a mass and 
energy balance approach. 
1 anion,    
1 cation × × × 
Mohammadi et al. (2005) - Ion 
transport to separate metal ions. 
1D numerical model using a 
fundamental mass balance approach. 
1 cation × × × 
Bawomruttanaboonya et al. 
(2015) - Changes in salt 
concentration and water volumes 
of fish sauce desalination. 
2D semi-empirical fluid flow (Navier 
Stokes), mass transport (Nernst-
Planck), and kinetic model for nitrogen, 
amino nitrogen, aroma and colour. 
1 anion    
1 cation  × × × 
Stodollick et al. (2014) - Reduces 
the complexity of over-limiting 
transport into an average fitting 
parameter.  
1D semi-empirical DBL using Nernst-
Planck, activity (modified Pitzer–
Debye–Hückel correction), and electro-
convection (Navier-Stokes). 
3 anions,    
2 cations, 
3 unch-
arged 
  × 
Kang et al. (2015) - Evaluates 
mass flux and operational 
parameters in monopolar IEMs. 
1D empirical fitted resistance and 
diffusion terms for ammonium and 
phosphate.  
1 anion    
1 cation × × × 
Dykstra et al. (2014) - Analyses 
transport of all ions through an 
IEM and the simultaneous 
formation of H2(g) and NH3(g) at 
the cathode. 
1D steady state Nernst-Planck mass 
balance coupling of transport to current 
and H2 / NH3 gas generation, also 
including acetate, carbonate, and 
ammonium acid-base dissociation. 
4 anions,    
2 cations, 
3 unchar-
ged 
  × 
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Table 1.1 shows that the majority of existing models are focused on describing the fluxes of 
single salts (Lee et al., 2006; Mohammadi et al., 2005; Moon et al., 2004; Tanaka, 2013; 
Ortiz et al., 2005), or only have the capacity to model just few different ionic species in 
solution (Kraaijeveld et al., 1995; Kim et al., 2012; Nikonenko et al., 2003). Some models 
have taken into account the effects of pH on mass transport in the system (Zabolotskii et al., 
2013; Kraaijeveld et al., 1995; Nikonenko et al., 2003, 2010), but only Dykstra et al. (2014) 
and Stodollick et al. (2014) simulated pH through the system and how this affects mass 
transport and acid-base dissociation. With many solution components in wastewater, pH, 
acid-base dissociation and ion-pairing effects are essential for modelling relevant processes. 
This is because the charge, concentration and activities of different ionic species formed from 
the components determine the relative rates of transport according to mechanistic equations 
such as Nernst-Planck or Maxwell-Stefan (see Section 1.6 for further explanation). In 
addition, the phenomena of current leakage, or transfer of proton and hydroxide ions across 
the membranes is a critical mechanism, but has not been mechanistically modelled yet. Acid-
base reactions involving ammonium, bicarbonate and itaconic acid have been modelled 
across a single ion-exchange membrane (IEM) (Nikonenko et al., 2003, 2010; Dykstra et al. 
2014; Stodollick et al. 2014), but this is not generally scalable to more complex systems and 
does not include effects such as ion-pairing. Existing models do not have the capacity to 
accurately describe complex physicochemical processes such as acid-base dissociation and 
ion-pairing in systems with many components, and there have not been mechanistic studies 
that couple the modelling of mass and charge transport with pH for electro-concentration 
processes using complex solutions like centrate in ED.  
Dykstra et al. (2014) studied ammonium bicarbonate mass transport in urine fed microbial 
electrochemical cells (U-MEC) and in urine fed microbial fuel cells (U-MFC) (Kuntke et al. 
2014; Kuntke et al. 2012). This work provides a description of the usefulness of an 
instantaneous equilibrium approach to acid-base dissociation in relation to mass transport. 
However, to fully describe centrate in ED requires a more comprehensive list of components 
and species, including ion-pairing and an approach to study precipitation or scaling. The 
modelling of Dykstra et al. (2014) could also be improved by validating system dynamics 
using a combined system of differential algebraic equations (DAEs) and ODEs to describe 
dynamic speciation and mechanistic mass transport across a more comprehensive 
experimental domain.  
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From reviewing the modelling literature, it is evident that there are some key research gaps 
that need to be addressed for modelling ED systems with wastewater. The first is that the 
current methods used for ED modelling do not have the capacity to model a multi-component 
composition such as wastewater, with requires transport of multiple species, and the 
formation of multiple precipitates. The second limitation to current methods is an inability to 
simultaneously model electrochemical and physicochemical phenomena across the whole 
electrochemical reactor domain, including electrodes, chambers and membranes. Lastly, 
validated system dynamics are important to ensure the modelling mechanisms are accurate.  
1.6 Electro-physico-chemistry 
In order to understand interactions between electrochemical and physicochemical phenomena 
some key mechanisms will be explained in this section. Some additional mechanisms will be 
introduced as necessary in relevant chapters, but of importance here is a preliminary 
explanation of electrochemical current transport, charge or proton balances, and electrode 
reactions.  
A physico-chemical charge balance model uses the amphoteric and amphiprotic properties of 
water in order to implicitly model proton or hydroxide ions as a closure variable through 
water dissociation. This method assumes that any charge imbalance due to the charge 
equivalent of major ions (including ions, ion pairs, acids or bases which are not protons or 
hydroxide ions) is addressed by immediate release of protons (in the case of excess anions) or 
hydroxide ions (in the case of excess cations) from water. 
An assumption is that there is an infinite quantity of water available to dissociate to make up 
the charge imbalance. On a pH scale of 0 to 14, the maximum concentration of dissociated 
protons or hydroxides possible could be 1 M (compared with the molar concentration of 55M 
for pure water). For any more realistic pH value (e.g. pH 4-10) the quantities of water 
required to undertake dissociation reactions are negligible compared to the quantities 
available.  This method also assumes that the rate of water dissociation is instantaneous.  
The charge balance is specified simultaneously with equilibrium equations for each acid-base 
pair, and the set of equations is solved simultaneously. The pH is calculated based on the 
molar concentration of protons. A charge balance approach has been shown to work in 
electrochemical systems (Dykstra et al. 2014; Nikonenko et al. 2003), and a central theme of 
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this thesis will be to demonstrate broad application of this approach, as well as its application 
in the experimental and modelling contexts. An alternative method of modelling pH is using 
a proton balance (Morel and Hering 1993). While the proton balance method generates the 
same equation set (Solon et al. 2015), a charge balance method is used throughout this thesis 
as it is easier to conceptually integrate with the charge transport phenomena that dominates 
the study of ED. It also allows speciation of weak acids and bases in their total (component) 
form. 
Electrochemical systems are an interesting case to integrate with speciation models because 
redox reactions at the electrodes pass charge from the external circuit into the electrolyte and 
further across the whole system. The terminal reactions caused by application of an electrical 
potential, produce an overall potential gradient across the cell. The potential gradient 
provides a driving force for the migration of cations towards the cathode and anions towards 
the anode. This transport of major ions creates a charge imbalance in the form of excess 
cations (and therefore OH
-
(aq)) at the cathode or excess anions (and therefore H
+
(aq)) at the 
anode. Using a charge balance, pH may be evaluated based on mass transport of ions which 
are not H
+
(aq) or OH
-
(aq).  
Electrode reactions are balanced by the migration of cations towards the cathode and anions 
towards the anode. The aqueous products of the electrode reactions can either be transported 
through migration, diffusion and convection or be involved in speciation reactions; with these 
reactions occurring simultaneously according to transport mechanisms and kinetics. In this 
work speciation reactions are assumed to be instantaneous, which in some cases is observed 
as pH buffering.  
The impact of acid-base dissociation therefore cannot be ignored when evaluating charge 
transport. What species the ion is in will dictate the relative speeds at which it migrates based 
on any form of mass flux equations such as Nernst-Planck or Stefan-Maxwell derived 
equations. This is because transport is related to the ionic charge, ionic mobility, 
concentration or activity. These parameters are dependent on the speciation of the ion.  
The speciation modelling concepts mentioned here are not novel. The aquatic simulation 
packages of Visual MINTEQ (Gustafsson 2012), PhreeqC-USGS (Parkhurst & Appelo 1999) 
and MINEQL +4.6 (Environmental Research Software 2012) have used similar solution 
strategies for decades, and biological WWT models, such as the ADM1 (Batstone et al. 
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2002), also include basic speciation models. However, the integration of complex physico-
chemistry is currently underutilised when evaluating electrochemical systems and can be a 
powerful tool for understanding electrochemical phenomena. The benefits of incorporating 
speciation in electrochemical models includes: a) quantification of the differently charged 
ions available for migration b) improved understanding of pH fluctuations across the cell, and 
c) incorporating of solid and gas phase transformations which are usually dependent on the 
activities of the particular ionic species. 
1.7 Research objectives and approach 
As described above, ED has various electro- and physico-chemical mechanisms which 
govern the ED process. Because it is difficult to accurately isolate the mechanisms governing 
experimental observations, a modelling approach is undertaken to understand the key 
mechanisms which influence the process and how they interact. The specific research 
objectives are: 
 To develop and validate a mechanistic model of ED for synthetic wastewater to 
investigate non-ideal aspects of complex solutions, particularly relating to speciation 
and pH; 
 To extend the model to study ED with real centrate, including a model of membrane 
scaling to study the underlying mechanisms of scale reduction treatments; 
 To use the model in a novel electrochemical nutrient recovery application, to evaluate 
ammonium bicarbonate electro-concentration from urine. 
The focus of this thesis is on model development to support the development of emergent 
electrochemical technologies. Each core thesis chapter uses dynamic laboratory scale 
experiments for model validation and mechanistic analysis. 
1.8 Thesis outline 
The model developed in this thesis is sequentially built on a generalised transport and 
reaction model in the electrochemical domain. This follows a structure as outlined here. 
Chapter 2: A non-ideal mechanistic model of electrodialysis 
A model is developed incorporating ion transport, pH and total cell potential, and is validated 
using experiments with synthetic wastewater. The model accounts for ionic activity, ion-
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pairing and acid-base dissociation using a Generalized Physicochemical Modelling 
Framework (GPMF) developed by the International Water Association Physico-chemical 
Modelling Taskgroup (Flores-Alsina et al. 2015; Flores-Alsina et al. 2016; Solon et al. 2015).  
Chapter 3: A model of electrodialytic nutrient recovery from centrate 
This chapter involves dynamic laboratory experiments working with real centrate and 
suggests practical operational protocols to limit scaling. The precipitation/scaling model 
extends the non-ideal model from Chapter 2 to incorporate the generalised precipitation 
model of Mbamba et al.(2014) and Mbamba et al. (2015). This approach accounts for the law 
of mass action, pH, total molar contribution balances, the saturation index (SI) and a semi-
empirical kinetic rate law for determining the rate of precipitation contributing to scale 
formation. This combined model predicts where in the reactor precipitation is likely to occur 
and what type of precipitant is likely to form using real centrate. 
Chapter 4: Modelling ammonium electro-concentration from urine 
This chapter illustrates the applicability of the modelling methods at high concentrations and 
in another emergent electrochemical nutrient recovery application. This chapter discusses the 
benefits of a source separated paradigm for nutrient recovery from urine, before studying the 
mechanisms behind maximising electro-concentration of ammonium bicarbonate from the 
source separated urine. Strategies are recommended for future pilot scale initiatives.  
Chapter 5: Discussion and conclusions 
The chapter includes overall discussion and conclusions including critical evaluation of 
model limitations. It highlights the need to account for physicochemical phenomena when 
troubleshooting electrochemical systems, and points to future model developments and 
applications. 
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Chapter 2 – A non-ideal mechanistic model of 
electrodialysis 
 
2.0 Chapter 2 abstract 
Electrochemical membrane technologies such as electrodialysis (ED) have been identified as 
key technologies to enable nutrient recovery from wastewater. However, current 
electrochemical models are focused on simpler solutions than wastewater and omit key 
outputs such as pH, or total cell potential. A combined physico-chemical and electrochemical 
model was developed which includes the mechanisms of competitive transport of ions, 
implicit inclusion of H
+
 and OH
-
, pH (including ionic activity and ion pairing), different 
factors contributing to total cell potential, and a novel method for ion exchange membrane 
transport. The model outputs compare well with measurements from experiments and 
simulate secondary effects such as electrode reactions and current leakage. Results found that 
membrane resistance, rather than boundary layer or bulk resistance was the major contributor 
to potential drop, and that apparent boundary layers were relatively thick (3 ± 1 mm). Non-
ideal solution effects such as ion pairing and ionic activity had a major impact, particularly on 
multi-valent Ca
2+
 ions, which enhances the capability of ED to recover monovalent nutrient 
ions such as K
+
 and NH4
+
. Decreased resistivity of ion exchange membranes to specific ions 
(for example, nitrate in this case) could also be detected. The methods here are validated using 
a comparatively simple synthetic solution of five ionic components (excluding water), but are 
able to be easily scaled for a more complex solution, and are also compatible with additional 
mechanisms such as precipitation, fouling, and scaling. 
 
Redrafted after: Thompson Brewster, E., Mehta, C.M., Radjenovic, J. and Batstone, D.J. 
(2016) A mechanistic model for electrochemical nutrient recovery systems. Water Research, 
94, 176-186, DOI: 10.1016/j.watres.2016.02.032.   
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2.1 Introduction 
A limitation in existing electrochemical modelling is the lack of integration between existing 
electrochemistry theory and a robust physico-chemical process simulation framework such as 
that developed by Solon et al. (2015) and Flores-Alsina et al. (2015). The aim of this study is 
to develop a physico-chemical modelling approach for electrochemical membrane systems 
which includes, and accounts for the relationships between the following mechanisms: 
 Mass transfer based on charge transport of ions (including ionic activity correction); 
 pH effects including current transport by hydrogen and hydroxide ions (current 
leakage); 
 Ion-pairing and acid-base dissociation (speciation); and 
 Total cell potential, including the effect of solution resistance, membrane resistance, 
and electrode resistance. 
While each topic listed above is complex in its own right, a complete electrochemical process 
model requires all mechanisms to be addressed in an integrated way. For example, the mass 
transfer of a key cation, the Ca
2+
 in a calcium sulphate solution, will be competitively 
transported with H
+
. Therefore, mass transport is related to the pH of the system. The 
electrode reactions in a simple water splitting system are also related to the pH, because they 
result in H
+
 or OH
- 
dissociation in proportion to applied current. The rate of transport of Ca
2+
 
is also dependent on the speciation of the Ca
2+
 component as aqueous, paired chemical 
species CaOH
+
, Ca(OH)2(aq) and CaSO4(aq), as well as to the electrochemical potential. 
Electrochemical technologies which use wastewater may need substantial modifications to 
current technologies, which commonly use thin chambers (1-2 mm) and spacers, because the 
risk of blockage from solids fouling, precipitation and biofouling are far higher with 
wastewater (Mondor et al., 2009). Instead, thicker, free-standing chambers may be used. 
Thicker chambers reduce the requirement for pre-treatment and related costs to remove 
suspended solids from the wastewater (Goodman et al., 2013). Wider membrane distances 
will result in a different type of flow regime compared to conventional processes. Hence a key 
outcome of this study will be to determine whether using wider membrane distances of 12 
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mm will cause prohibitively high potential losses. However, the model developed here is also 
applicable to systems with narrow chamber widths, spacers and non-laminar flows. 
The focus of this chapter is to develop a combined physicochemical and electrochemical 
model and to validate the model using a simple single cell pair ED unit. However, the model 
could be expanded for a conventional full-scale ED unit with multiple cell pairs, narrow flow 
channels with spacers, and high (but below limiting) current density. The model has direct 
application to other electrochemical process, with wider membrane distances and where low 
current density is applied, such as ammonium recovery at the cathode from human urine 
(Luther et al., 2015),sewage wastewater (Desloover et al., 2015) and in-reactor precipitation 
using a single cell pair electrochemical reactor (Ledezma et al., 2015). The focus of this study 
is to develop and integrate physico-chemical and electrochemical modelling processes. 
 
2.2 Modelling methods 
2.2.1 Model domain and controlling mechanisms 
Both the model and experiments have the same configuration outlined in Figure 2.1. That is, a 
batch process in a three membrane (four chamber) ED stack without spacers. Two chambers 
are for the electrolyte, one for the feed and one for the product, with four reservoirs, one for 
each chamber. Expansion of the model to many cell pairs is possible, which may better reflect 
a full-scale system. The model is a two dimensional, dynamic model which was developed in 
MATLAB (Version 8.1, Mathworks inc). The dynamic model was used in this case to study 
transient aspects of process performance and also allow batch tests, which have higher 
inherent parameter identifiability compared with continuous processes. In addition, while 
more computationally intensive than a steady state model it may be numerically simpler to 
solve as the final solution may be found by ordinary differential equation (ODE) relaxation 
rather than solution of implicit algebraic equations. A full list of model parameters is provided 
in Appendix A (Table A1). 
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Figure 2.1: Overview of model and experimental configuration. The inlay on the left shows 
the types of potential losses incorporated in the model. The inlay on the right shows the 
mechanisms of ionic flux (migration and diffusion) in the x-direction. The shaded areas either 
side of the membranes indicate the diffusion boundary layers and the black dots indicate areas 
where average concentration and pH points are calculated in the model. 
 
A diffusion boundary layer (DBL) is a thin layer of solution immediately next to the 
membrane where it is assumed that no convection in the direction parallel to the membrane 
(the y-direction in Figure 2.1) occurs (Shaposhnik et al., 2006). Between each membrane pair 
are two DBLs with a single layer of bulk solution in between the DBLs as shown in Figure 
2.1. In the DBLs, the only transport processes assumed to occur are diffusion and migration in 
the direction perpendicular to the membranes (the x-direction). Mass transport limitations in 
the DBL can be an important limitation in commercial electrochemical technology 
applications. Process design often aims to minimise DBL thickness as thinner DBLs have 
been known to minimise mass transport limitations and incur lower cell potential losses. 
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2.2.2 Model Components  
Governing equation 
First order differential mass balance equations are used to determine the concentration within 
each spatial area parallel to the membranes (that is, the areas of bulk solution and diffusion 
boundary layers) using a finite volume approximation. The model domain is 
compartmentalised so that the flux terms represent the fluxes between these spatial areas. That 
is, flux terms represent either the flux of ions across the membranes or between DBLs and the 
bulk solution. The Nernst-Planck equation is used to account for ionic flux in the direction 
perpendicular to the membranes (the x-direction). It is assumed that no convection occurs in 
the x-direction (Moon et al., 2004; Kim et al., 2012; Nikonenko et al., 2014). Under this 
assumption, the assumption that migration and diffusion only occur in the x-direction, the 
resulting governing equation for concentration is shown in Equation 2.1. In the chambers 
where convection occurs in the y-direction (parallel to the membranes), the third term in 
Equation 2.1 is used, while for DBL concentrations where no convection occurs in the y-
direction, the third term is neglected. Although empirical approaches have become 
commonplace to describe membrane transport, the fundamental transport equation is retained 
here to simplify the approach and enable direct use with acid-base and speciation modelling. 
The general PDE governing equation (diffusive-migrative-convective) for component i is:- 
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where Ci is concentration of ion i (mM), Di is the diffusion coefficient of ion i (m
2
 s
-1
), zi is the 
charge on ion i, F is Faraday's constant (C mol
-1
), R is the gas constant (J mol
-1
 K
-1
), T is 
temperature (K), ai is the ionic activity of ion i (mM), t is time (s), ϕ is the potential (V) and uy 
is fluid velocity (m s
-1
). Even though it is not explicitly stated in Equation 2.1, the first two 
terms consider diffusion and migration of individual paired, charged species which contribute 
to the total flux of each component. Subscript ‘i’ in Equation 2.1 refers to each of the total 
components (potassium, calcium, sodium, sulphate and nitrate). For convection, the gradient 
in the total component concentration (Ci) is relevant. However, the diffusion and migration 
term for component i, is calculated from the sum of species contributing to that component 
(i.e., solutes containing that component denoted by subscript i,s). These include unpaired 
species (K
+
, Ca
2+
, Na
+
, SO4
2-
, NO3
-
) and paired (aqueous) species (CaOH
+
, CaNO3
+
, HSO4
-
, 
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KSO4
-
, NaSO4
-
, KOHaq, CaSO4,aq, NaOHaq and NaNO3,aq). This is because the mass transport 
due to diffusion and migration is dependent on particular parameters of these species. 
Ionic activity 
Ionic activity (ai) depends on the ionic strength of solution (μ) which is found by Equation 2.2 
(Solon et al., 2015). The activity coefficient of the ion (𝛾𝑖) is then found using the Davies 
equation (Equation 2.3) (Solon et al., 2015). This has been found to work well with 
wastewater solutions of strengths below 0.5 mol L
-1
 (Solon et al., 2015; Stumm and Morgan, 
1996). The concentration of each ion is multiplied by its activity coefficient to get the ionic 
activity (Equation 2.4) (Solon et al., 2015). In general, ionic activity is used in the governing 
equations for terms which relate to migration and the concentration of an ion is used for terms 
which relate to diffusion and convection. 
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Membrane transport 
To enable a high permselectivity of the desired ions, ion exchange membranes contain 
functional groups with a specific positive or negative charge, called anion exchange 
membranes (AEMs) and cation exchange membranes (CEMs), respectively. When a current is 
applied, ions which have the opposite charge to the functional group (counter ions) selectively 
pass through the membrane at a much higher fraction (90-99%) than similarly charged ions 
(co-ions). 
When calculating ion transport across a membrane in a multicomponent solution it is 
necessary to allocate proportioning of current amongst ions. A common method of doing this 
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is to use an estimated transport number for each ion to describe the proportion of current 
transported through the membrane by that specific ion (Nikonenko et al., 2014). However, an 
alternative approach is proposed here. This approach calculates the mass flux of each ion 
across the membrane based on the key parameters effecting ionic mass transport: ionic 
activity, charge and diffusion coefficient. The method here estimates the membrane ionic 
activity and retains the use of the Nernst-Planck migration term. 
For calculating transport through the membrane the migration term in Equation 2.1 is varied 
to account for the ionic activity of ion i being in membrane, not solution, xi,M (mM). The total 
ionic activity of each co- and counter-ion in the membrane is approximated by using ionic 
membrane capacity and membrane permselectivity values. These parameters are provided by 
the manufacturer for their IEMs for single salt solutions (0.1 and 0.5 mol kg
-1
 KCl) 
(Membranes International Inc, 2014a, b). This approach utilises the manufacturer's membrane 
parameters for ion exchange capacity and permselectivity such that in future different 
membrane types may be modelled by using their individual values for these parameters. A 
limitation in the method is that these parameters are often determined using simple KCl or 
NaCl solutions and the values may vary in more complex solutions. The ionic activity of ions 
in the membrane is determined using the equations in Table 2.1. In Table 2.1, Equations 2.5 
and 2.6 describe the counter-ion permselectivity (P) of total anions (denoted by subscript A) 
in an AEM or CEM, respectively, where the membrane type is shown by subscript AEM or 
CEM. Similarly, Equations 2.7 and 2.8, show permselectivity for total cations (denoted by 
subscript C). Equations 2.9 and 2.10 describe the relationship between the membrane ionic 
activity of total cations, totals anions and the IEM capacity of AEMs and CEMs, respectively 
(Galama et al., 2013; Krol, 1997), where XA and XC refer to the ionic exchange capacity 
values for an AEM or CEM, respectively. These equations are solved simultaneously to 
determine Equations 2.11 and 2.13, which give the total membrane ionic activity of anions or 
cations in an AEM, while Equations 2.12 and 2.14 are used to determine that in CEMs. Note 
that here the membrane ionic activity in Equations 2.11-2.14 relates to the approximate ionic 
activity of all anions or cations in the membrane. 
To determine the individual membrane ionic activity for each specific ion within the 
membrane, a charge proportioning method is used. The factors by which current is 
proportioned within the membranes are the diffusion coefficient of the ion in the membrane, 
the ionic activity in the solution adjacent to the membrane, and the charge of each ion as 
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shown in Equations 2.15-2.18. Subscripts cat and ano refer to the solution on the side of the 
membrane closest to the cathode or anode, respectively. The solution ionic activity used in 
these calculations must be the side which is the inflow due to migratory transport. The sum of 
the individual membrane ionic activities for each species of cations or anions will equal the 
total membrane ionic activity for cations or anions, respectively. The individual membrane 
ionic activity terms calculated here are used as the ionic activity values in the calculations of 
the migratory flux through the membranes. The dimensional inconsistency between ionic 
activity and membrane capacity (moleq m
-3
 compared to mol m
-3
) is accounted for by the 
proportioning of current based on valency of the ion. 
 
Table 2.1: Equations describing membrane permselectivity and capacity. Equations 2.5-2.8 
describe permselectivity of ion exchange membranes, while Equations 2.9 and 2.10 describe 
the relationship between total membrane ion exchange capacity and membrane ionic activity. 
Solutions of Equations 2.5 through 2.10 lead to Equations 2.11-2.14 for total ionic activity for 
anions and cations. Ion specific membrane ionic activity is determined from Equations 2.15-
2.18. 
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Deriving membrane ionic activity from membrane capacity is an approximation. However, 
this method utilises actual membrane and ionic parameters to provide an estimate of current 
proportioning across the membrane, and takes into account the dominant factors affecting 
competitive ion transport. Transport of ions through an IEM is also a function of specific 
attributes such as pore size and water content. Hence, to fully capture the ion selectivity 
behaviour of ion exchange membranes, a matrix of selectivity coefficients to model the effect 
of the membranes on the ion transport would be necessary. However, the majority of ionic 
mass transport is governed by the proportioning of current between ions due to migratory 
transport. The proportioning method is acceptable as long as the membrane is not grossly 
selective to particularly ions based on attributes other than charge, diffusivity and ionic 
activity in the solution surrounding the membrane. However, for membranes with an obvious 
preference for certain ions, Equation 2.15 through 2.16 could be altered appropriately. 
Acid-base dissociation and ion pairing 
Acid-base dissociation takes into account the various forms an ion may take with varying pH 
and concentration, for example SO4
2-
, HSO4
-
 and H2SO4. Ion pairing is the interaction of 
oppositely charged ions, for example Ca
2+
 and SO4
2-
 forming the soluble ion pair CaSO4(aq). 
The concentrations and activities of all species are determined by calculating the equilibrium 
conditions at each time step of the differential mass transport model. They are found by 
iteratively solving a set of linear algebraic equations using the Newton-Raphson method. This 
equation set is adapted from Flores-Alsina et al. (2015) and Solon et al. (2015), and uses one 
law of mass action for each aqueous phase reaction as well as molar contribution balances to 
satisfy degrees of freedom requirements. A full description of the method is found in Solon et 
al. (2015) and the full equation set is in the supplementary information C code. The 
components used for the model, K
+
, Ca
2+
, Na
+
, SO4
2-
 and NO3
-
. K
+
, Ca
2+
 and SO4
2-
, were 
chosen for the feed and product as they are common ions in wastewater. NaNO3 was selected 
as the electrolyte as it is relatively resistant to both electrochemical reactions. Based on the 
high cathode potential and catholyte pH the reduction of nitrate should be minor and the 
dominant cathodic reaction should be electrolysis of water. K
+
 and Ca
2+
 were chosen to study 
the effect of valency. While chloride is a common ion in wastewater, it was intentionally 
excluded because of its reactivity at the anode surface and the implications on pH modelling 
for more complex electrode reactions. Water splitting reactions are the only electrode 
reactions chosen for study in this model. Ion pairs considered in the algebraic equation set are 
CaOH
+
, CaNO3
+
, HSO4
-
, KSO4
-
, NaSO4
-
, KOH, CaSO4, NaOH and NaNO3. 
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pH 
A charge balance is solved as part of the set of non-linear algebraic equations for acid-base 
dissociation and ion-pairing, including the calculation of ionic activity (Equation 2.19) 
(Nikonenko et al., 2003; Batstone et al., 2012). From here, pH can be calculated using the 
ionic activities of protons or hydroxide ions as demonstrated in Equation 2.20. 
      0OHOHAiAiHHCiCi CzCzCzCz
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Because of the choice of electrolyte and electrode material, the anode and cathode reactions 
are assumed to be oxygen and hydrogen evolution, respectively. Because protons are used as 
a master closure variable, this approach implicitly models the effect of electrode reactions on 
concentration and pH. It also allows implicit inclusion of current leakage, as once the ionic 
activity of H
+
 and OH
-
 is determined these species can be included in the current 
proportioning method (see Section 2.2.3). This method is used because the current density 
passing through the system is linked to both the electrode reactions and the movement of 
charged ions in the system. Proton and hydroxide ionic activities also impact the 
proportioning of current transfer as they will preferentially transport compared to other 
species due to their higher diffusion coefficients. 
Diffusion coefficients 
The diffusion coefficient of ions passing through the membrane is 0.1-0.001 times that of in 
solution (Nikonenko et al., 2014). Therefore, to account for the additional resistance imposed 
by the membrane, the diffusion coefficients of counter-ions are multiplied by 0.1 and that of 
co-ions are multiplied by 0.01. The result of a sensitivity analysis of the factor reduction of 
counter-ions indicates that the concentration and pH results are insensitive to this parameter 
(see Appendix C). The diffusion coefficients for protons and hydroxide ions remain 
unchanged because these are assumed to pass relatively unimpeded through the membranes 
due to the solvation of the membranes and these ions’ higher mobility. The acid-base 
dissociation and ion pairing of components results in several ionic species which do not have 
diffusion coefficients commonly found in literature. The diffusion coefficients for CaOH+, 
CaNO3
+
, HSO4
-
, KSO4
-
, NaSO4
-
, KOH, CaSO4, NaOH and NaNO3 were determined using a 
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method described in Sproull (2008) that estimated the molar volumes of each species based 
on the LeBas method. A full list of diffusion coefficients can be found in Appendix A (Table 
A2).  
While there is an inherent amount of uncertainty imposed in the model based on the 
estimation of diffusion coefficients, the effective purpose of diffusion coefficients is to govern 
the proportioning of current between ions. In this respect, the accuracy of the diffusion 
coefficients is only important in the relative values of diffusion coefficients between the 
different ions. Should the method shown here be ineffective, more accurate diffusion 
coefficients for multi-ion systems can be fitted with experimental data. 
Total and electrode potential losses 
The total cell potential drop is comprised of four parts as indicated by Equation 2.21 (Shen et 
al., 2011; Laoun et al., 2008). Sources of potential loss include that of the electrodes and the 
internal cell (EIC) as shown in the left inlay of Figure 2.1. The summation of Erev, Eact and 
Econc correspond to the potential losses in the electrodes, which are the reversible, activation 
and concentration overpotentials, respectively (see a full discussion on these parameters in 
Appendix B). EIC relates to internal cell potential losses. The total cell potential is closely 
related to the applied current and it is an important parameter to consider when concentrating 
nutrient ions in relation to process efficiency and energy consumption (Kang et al., 2015). The 
total cell potential drop is determined analytically from the time-series concentration and pH 
output of the differential equation solver. 
ICconcactrevcell EEEEE 
 
( 2.21 ) 
Internal cell potential 
EIC represents the potential drop which occurs in the chambers, boundary layers and 
membranes of the ED stack due to the passing of current through a medium possessing 
resistance. It is formed from the potential gradient used in the Nernst-Planck equation as well 
as the Donnan exclusion potential (also known as the junction potential, EDonnan). Rearranged, 
the Nernst-Planck equation combined with the assumption of electroneutrality results in the 
equation for potential gradient (Moon et al., 2004), which is also related to the electric field 
strength (E) (Nikonenko et al., 2014) (Equation 2.22). 
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The terms in Equation 2.22 represent the potential gradient imposed by the movement of 
charged particles in an electric field due to an applied current (I) (first term), and the 
displacement and interaction of ions in a multicomponent system (second term). The second 
term becomes negligible in the bulk solution, where uniform ionic activity is assumed. 
The Donnan exclusion potential loss reflects the sharp concentration difference between the 
solution and membrane due to the exclusion of co-ions in the IEM. There is only one Donnan 
potential at the phase boundary irrespective of the ion used to calculate the potential (Vetter, 
1967). Therefore, the ratio of activities of the different ions in the aqueous and membrane 
phases are equal, or at least equivalent when taking into account different valences. Due to the 
complexity of adding this specification to the membrane calculations when accounting for 
speciation, a major monovalent ion is chosen to approximate the Donnan potential at each 
membrane interface using the Boltzmann equation, Equation 2.23 (Galama et al., 2013; Krol, 
1997). 
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( 2.23 ) 
where superscripts S and M relate to the solution and membrane, respectively, and subscripts 
+ and - refer to cations or anions, respectively. 
The total internal cell potential drop is calculated by summating the potential drop multiplied 
by the width of each spatial area in the x-direction (w) and the Donnan exclusion potentials 
for all spatial areas in the x-direction across the cell (j) as shown in Equation 2.24. 
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2.2.3 Method for fitting parameters 
The optimum value for DBL thickness was determined by a parameter sweep, comparing the 
experimental and modelled data for outlet concentrations of K
+
, Ca
2+
 and Na
+
. The residual 
sum of squares (RSS) between the model and experimental data was the objective function (J 
= RSS) used to perform a non-linear regression analysis. The DBL thickness was swept from 
0.01 mm to 4.01 mm. True confidence intervals of the DBL thickness estimates were 
determined based on an F-test in J shown in Equation 2.25: 

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( 2.25 ) 
where, Jcrit is the 95% confidence objective function surface, p1 is the number of parameters 
(1), ndata is the number of experimental data points, and F0.95,p,ndata-p is the cumulative 95%ile 
F distribution value. Due to computational limitations this analysis was done without 
including ion-pairing and acid-base dissociation. Simulations including ion-pairing and acid-
base dissociation using the optimized parameter value were then plotted to visually observe 
goodness of fit. 
2.2.4 Experiments 
Experiments were done using a batch-mode, laboratory scale ED unit, with electrolytes, 
concentrate and feed recirculating through reservoirs. The areas between a cell pair and also 
the electrode compartments were 8 cm high, 4 cm wide and 1.2 cm thick. It had one CMI-
7000 CEM and two AMI-7001 AEMs (Membrane International Inc., USA) with effective 
area of 32 cm
2
, a stainless steel electrode as the cathode and a platinum-iridium oxide coated 
titanium electrode as the anode (Magneto Special Anodes B V, Netherlands). The reservoirs 
were vented to maintain atmospheric pressure. A potentiostat (VSP Modular 5 channels 
potentiostat, BioLogic Science Instrument, France) was used to supply a constant current of 
100 mA (31.25 A m
-2
) and record the total cell potential at regular intervals of 10 s. A 
peristaltic pump (Cole-Parmer, Masterflex L/S Variable-Speed Driver w/Remote I/O 100 
rpm) was used with a flow rate of 80 mL min
-1
 (0.0028 m s
-1
) through all chambers. This 
results in a Reynolds number of 996, therefore it was in the laminar regime. 
Experiments were performed with the initial concentrations outlined in Table 2.2. The 
concentrations were chosen to produce similar initial total cell potential between 16 and 18 V. 
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4 mM CaSO4 was the maximum concentration where CaSO4 was observed to be soluble. To 
stay in the desired total cell potential range, the concentration of the electrolyte had to be 
increased to account for the CaSO4 concentrations in the feed and product. The total volume 
of each electrolyte was 500 mL, and the electrolyte volume in each chamber was 47.5 mL. 
Osmotic and electroosmotic effects were observed to be negligible. Therefore, the reservoir 
volumes are assumed to be 452.5 mL. 5 mL samples were taken at the following times: 0, 15, 
45, 90, 180 min and a final point when the total cell potential drop breached 20 V and the 
experiment was stopped. The pH was measured immediately after sampling. Inductively 
Coupled Plasma Optical Emission Spectroscopy (ICP-OES) (Perkin Elmer Optima 7300DV, 
Waltham, MA, USA) was used to determine the concentrations of total cation components in 
each sample. 
Table 2.2: Initial concentrations in experiments. 
Experiment Feed concentration Product concentration Electrolyte concentration 
1 16 mM K2SO4-K 9 mM  K2SO4-K 18 mM NaNO3 
2 4 mM CaSO4 4 mM CaSO4 54 mM NaNO3 
3 
8 mM K2SO4-K and 
4 mM CaSO4 
5 mM K2SO4-K and 
2 mM CaSO4 
18 mM NaNO3 
 
2.3 Results and discussion 
2.3.1 Boundary layer thickness 
The best fit DBL thickness was found to be 3.0 mm, with upper and lower 95% confidence 
limits of 4.0 mm and 2.6 mm, respectively, as shown in Figure 2.2. This value is an order of 
magnitude higher than the largest previous estimates from literature for traditional ED (Moon 
et al., 2004; Kim et al., 2012; Choi et al., 2002). The higher value is likely due to the thicker 
chamber widths and slower flow rate of this system compared to traditional ED applications. 
It should be noted that spacers were not used in the experiments between the membranes. The 
use of spacers would alter the flow regime and hence impact the DBL thickness estimation. 
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Figure 2.2: Objective function (residual sum of squares) for diffusion boundary layer 
thickness from parameter estimation using the experimental data. The best fit diffusion 
boundary layer thickness was observed to be 3.0 mm. 
To model the system with no unknown parameters the DBL thickness could be estimated 
using the Leveque equation (Newman 1991, Nikonenko et al. 2014). A benefit of including 
parameter estimation is that, as shown in Figure 2.2, the method highlights the sharp increase 
in the objective function for DBL thicknesses below approximately 0.5 mm, indicating that 
overestimating the DBL thickness may be less erroneous than underestimation.  
 
2.3.2 Model output 
Figure 2.3 shows the model output for cation concentration, pH and total cell potential 
compared with experimental data using the identified global optimum DBL thickness of 3.0 
mm. The outlet concentrations generally fit well with measurements. Non-linearity in the 
concentration curves is mainly due to charge leakage which is further discussed below. 
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Figure 2.3: Concentration in the product outlet (top), the feed outlet (second from top), pH in 
all chamber outlets (second from base) and total cell potential (base) for the potassium only 
experiment (left), the calcium only experiment (center) and the potassium and calcium 
experiment (right) compared to model output. 
 
The concentration and pH results indicate that the model effectively predicts the underlying 
chemistry in the ED unit. An exception was the calcium only experiment, in which the pH 
simulation results deviate at the end of the batch due to premature depletion of ions in the feed 
stream. The total cell potentials shown in Figure 2.3 have substantial deviation. This can be 
identified as an underestimation in the effective membrane diffusion coefficient of nitrate, 
which is set as with the other ions to be 0.1 times the free water diffusion for anions in an 
 38 
AEM (see Section 2.2.6). Nonlinear parameter estimation was performed (see Appendix D) 
which showed decreased AEM resistance specifically for nitrate, such that a factor between 
0.4 and 1 (95% CI) for diffusivity is required compared with 0.1 for other anions. Using a 
factor of 0.4 for anionic diffusivity enabled a far better fit as shown in Figure 2.4. 
 
 
Figure 2.4: Cell potential with four times the nitrate diffusion coefficient in the anion 
exchange membrane. Markers indicate experimental total cell potential, while the model is 
broken down to show total cell potential (thick line), membrane potential (dotted line), bulk 
solution (dashed line) and diffusion boundary layer (thin line). 
 
Figure 2.4 also shows the contribution to total cell potential of the membranes, bulk solution 
and DBLs. In general, the majority of potential loss occurs due to the membranes, rather than 
transport through the bulk, or losses in boundary layers, forming between 35% and 70% of 
the total cell potential over the course of the potassium only and potassium and calcium 
simulations. Therefore, optimizing the separation efficiency of a process by including many 
 39 
membrane pairs needs to be balanced against the additional energy consumption required to 
operate the process with the increased resistance caused by additional membranes. This is a 
near-linear optimization problem, since the membrane (and not the boundary layer or bulk 
solution as previously assumed) is responsible for the majority of the potential drop. The 
membranes used in this study were 2-3 times thicker than other commercially available IEMs, 
hence higher resistance was recorded. For pilot studies it is recommended to use thinner and 
more energetically efficient membranes. Increases in total cell potential near the end of the 
experiments were largely caused by depletion of ions in the bulk solution and DBLs of the 
feed chamber, contributing to increased internal cell potential in these areas. At pilot scale, the 
membranes would continue to cause a large fraction of the cell resistance. However 
continuous operation could be designed to keep solution conductivities relatively higher than 
seen in these experiments, which would reduce the energy consumption.  
Total electrode potential contribution is not included in Figure 2.4 due to its relatively low (~2 
V) and unchanging contribution to total cell potential. There is an effect on the electrode 
potential due to pH variation in the electrolyte, but the variation is less than an order of 
magnitude lower than the total cell potential and is not considered important here. 
2.3.3 Model evaluation 
The results show that the proposed mechanisms of charge proportioning between different 
ions, the pH calculations and the contribution of protons and hydroxide ions to competitive 
mass transport effectively describe the experimental data, including the water electrolysis 
reactions occurring at the electrodes. By modelling the implicit effect of electrode reactions, 
pH can be described system wide. The excess hydroxide ions and hydrogen ions produced at 
the cathode and anode, respectively, can either promote (in processes requiring pH 
adjustment) or hinder (due to current leakage) the overall process, depending on 
configuration. This can be leveraged to enhance overall performance, for example, by 
influencing precipitation or gas exchange at an appropriate pH. Being able to model pH and 
its effects on weak electrolytes (HSO4
-
,CO3
2-
) and complex solutions could be beneficial 
(Nikonenko et al., 2003). For example, bicarbonate acid-base dissociation can provide 
buffering capacity, but this will change the charge and therefore transport of carbonate ions in 
the system. This could be beneficial as carbonate is a driver of membrane scaling. At low pH 
carbonate will be paired with protons and less susceptible to migration. 
 40 
Current leakage, a mechanism which contributes to the inefficiency of the process, is 
implicitly included the model through the competitive transport of proton and hydroxide ions 
(see Section 2.2.5). For example, for the CEM at the start of the potassium only experiment, 
approximately 98% of the total current though the membranes is transported by potassium 
while 0.5% is transported by protons and 0.7% and 0.5% is passed by back diffusing sulphate 
and hydroxide ions, respectively. Evaluating the current leakage has implications in the 
equipment design because it can quantify efficiency improvement relating to pH control, and 
also identify optimal operating conditions and recovery limits. 
The model incorporates the effect of monovalent and divalent charged ions independently and 
when simultaneously present in the solution. In particular, divalent transfer (compared with 
monovalent) is increased by its charge, and attenuated by ion pairing and ionic activity, with 
the latter having the stronger effect such that ED selects for monovalent ions (see below). 
Fluid velocity can affect the DBL thickness (Kim et al., 2012), which can in turn effect the 
relative separation of monovalent and divalent ions across the DBL and membrane. Further 
studies could use the model presented here to study the effect of varying DBL thickness. 
Ionic activity, ion-pairing and acid-base dissociation affect the flux of ions in multicomponent 
solutions like wastewater. The effects of these parameters are highlighted by calcium 
transport in the calcium only experiment. Figure 2.5 compares the feed outlet of the calcium 
only experiment for two different types of simulations with identical input parameters. First, 
an ‘ideal’ model with no ionic activity, ion-pairing or acid-base dissociation and a second one 
with ionic activity, ion-pairing and acid-base dissociation included. At the concentrations seen 
here, CaSO4 was pairing in significant amounts, taking up to approximately 30% of the 
calcium component in the feed and product at the start of the experiment. This decreased the 
rate of flux of the calcium component in the model including ion-pairing compared to the 
ideal model. Ion-pairing results in less calcium being in a charged form and therefore 
available to migrate, which reduces the fraction of calcium transporting current compared to 
other ions. A possible explanation for the premature depletion of calcium in the feed stream, 
is that the speciation model underestimated the amounts of paired CaSO4(aq). 
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Figure 2.5: Comparison of calcium only feed concentration profiles for an ideal model (top) 
and the model including activity, ion-pairing and acid-base dissociation (base). 
Nikonenko et al. (2003) have shown the importance of acid-base dissociation on mass 
transport and pH involving carbonate ions, but acid-base relationships were found to be 
relatively unimportant. This is of course mainly due to the anion system chosen. If anions 
with higher pKa values were present (HCO3
-
, VFA anions, HS
-
), the acid base system would 
have a higher impact. 
2.3.4 Implications for design and application 
Both the results for domain configuration and total cell potential support that membrane 
resistance and membrane parameters have the greatest influence on the modelled 
concentration profiles compared to the ionic transport in the bulk solution. Although the space 
between the membranes is thicker than in traditional ED applications, the transport through 
the bulk solution does not appear to be a limiting factor in the process because of the large 
resistance imposed by the membranes. This finding that membranes pose the majority of the 
resistance in the system will have implications when designing full scale units as the 
additional current efficiency which results from including more membrane pairs will have to 
be balanced with the additional power consumption required to run the process. Alternative 
brands of IEMs (for example, thinner membranes with higher conductivity) could be used to 
minimise the large resistances seen here. Choice of electrode type and electrolyte conditions 
needs to be taken into account and the balance between electrode cost, terminal reactions, and 
electrode potential drop can in some circumstances dominate the economic evaluation. 
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This is the first time that this set of integrated electrochemical mechanisms have been 
modelled simultaneously and in a framework which allows further development (for example, 
refining membrane parameters), and further expansion (for example, adding more 
components or extending to consider precipitation). Integration with the more widely used 
general speciation model enables application to the 22 components commonly found in 
wastewater. For municipal wastewater this would include, for example, inorganic carbon 
(CO3
2-
, HCO3
-
, H2CO3), inorganic phosphorous (PO4
3-
, HPO4
2-
, H2PO4
-
, or H3PO4), acetate 
(C2H3O2
-
, C2H4O2) and chloride. Using real wastewater will also face the problem of 
accelerated scaling due to precipitation on the membranes and fouling of organics on the 
membranes. Particularly separation of membrane scaling and interleaf precipitation is a 
challenge. This is covered in the Chapter 3. Precipitation is also important for application of 
this technology to recovery of nutrient solids as a precipitate which is an emergent technology 
used with source separated urine and is the subject of Chapter 4 (Ledezma et al., 2015). 
No effects of osmosis or electro-osmosis are included in the model in Chapter 2, as no 
significant changes in solution volumes were observed during the experiment. However, in 
longer-operating or higher pressure processes, or processes involving high concentrations of 
solvated ions this may need to be considered (Ippersiel et al., 2012; Pronk et al., 2006). This is 
empirically included in the following chapters. 
2.4 Conclusions 
Estimating pH using a charge balance has been shown to effectively model pH where the 
electrode reactions are water splitting; and pH has been shown to be a more refined indicator 
for parameter estimation than concentration. This system provides a challenge to pH solvers 
due to very steep gradients in both space and time. However, pH influences ion speciation and 
current leakage, which are important considerations when optimizing process performance. It 
was found that membrane resistance was a major contributor to the total cell potential and that 
between 35 and 70% of the total cell potential was due to the three ion exchange membranes 
used in the configuration. 
 
Supplementary information: Modelling codes developed in this chapter may be downloaded 
from: http://dx.doi.org/10.1016/j.watres.2016.02.032.  
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Chapter 3 – Modelling nutrient recovery from centrate 
including scaling 
 
3.0 Chapter 3 abstract 
Electro-concentration of nutrients from waste streams is a promising technology to enable 
resource recovery, but has several operational concerns. One key concern is the formation of 
inorganic scale on the concentrate side of cation exchange membranes when recovering 
nutrients from wastewaters containing calcium, magnesium, phosphorous and carbonate, 
commonly present in anaerobic digester rejection water. Electrodialytic nutrient recovery was 
trialled on anaerobic digester rejection water in a laboratory scale electro-concentration unit 
without treatment (A), following struvite recovery (B), and following struvite recovery as 
well as concentrate controlled at pH 5 for scaling control (C). Treatment A resulted in large 
amount of scale, while treatment B significantly reduced the amount of scale formation with 
reduction in magnesium phosphates, and treatment C reduced the amount of scale further by 
limiting the formation of calcium carbonates. Treatment C resulted in an 87±7% by weight 
reduction in scale compared to treatment A. A mechanistic model for the inorganic processes 
was validated using a previously published general precipitation model based on saturation 
index. The model attributed the reduction in struvite scale to the removal of phosphate during 
the struvite pre-treatment, and the reduction in calcium carbonate scale to pH control resulting 
in the stripping of carbonate as carbon dioxide gas. This indicates that multiple strategies may 
be required to control precipitation, and that mechanistic models can assist in developing a 
combined approach. 
 
Redrafted after: Thompson Brewster, E., Ward, A.J., Mehta, C.M., Radjenovic, J. and 
Batstone, D.J. (2017) Predicting scale formation during electrodialytic nutrient recovery. 
Water Research, 110, 202-210, DOI: 10.1016/j.watres.2016.11.063. 
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3.1 Introduction 
Membrane processes in water and wastewater treatment, not limited to electro-concentration 
processes, face the common problem of precipitation of inorganic solids on the surface of the 
membranes, known as membrane scaling. To address this problem, feed pre-treatment using 
filtration, coagulation and flocculation or acid addition; use of anti-scalant chemicals; and/or 
chemical cleaning of the membranes using acidic or basic chemicals is performed, with each 
treatment option adding cost and operational downtime in the case of membrane cleaning 
(Greenlee et al. 2009). More recent studies also suggest the use of in situ measures, including 
application of a pulsed-electric field, as well as electroconvective vortices through operating 
at over-limiting current to reduce scale formation (Mikhaylin and Bazinet, 2016). 
The phenomenon of concentration polarisation leads to enhanced rates of membrane scale in 
electrochemical IEM systems being fed with wastewater (Casademont et al. 2007, Xu and 
Huang 2008, Zhang et al. 2011). Concentration polarisation results in higher concentrations 
of ions on the concentrate side of the CEM and depletion of ions on the diluate side (Baker 
2004). Many studies focus on diluate side concentration polarisation due the fact that it limits 
the maximum efficient operating current of the system (Choi et al. 2002, Krol et al. 1999, 
Kanavova et al. 2014, Nikonenko et al. 2014). In particular, the concentrate side of the 
membrane is of interest in this study as it is a common site of membrane scaling in many 
applications where phosphate, calcium, magnesium and/or carbonate are present. The scope 
of this study considers inorganic precipitation across the entire domain of the diluate and 
concentrate streams. This includes the solution reservoirs, bulk solution in the chambers and 
the diffusion boundary layers (DBLs) close to the membrane surface. The relatively higher 
concentrations observed in the solution immediately next to the membrane (as compared to 
the bulk solution away from the membrane in the chambers and reservoirs) result in a higher 
saturation index (SI) for certain minerals within this membrane surface boundary layer, 
compared to the bulk solutions.  
While some modelling work has been done to study speciation and acid-base equilibria in 
electrochemical systems, no models have combined electrochemical and solid-phase physico-
chemical mechanisms to study scaling in ED (Thompson Brewster et al. 2016, Nikonenko et 
al. 2003, Dykstra et al. 2014). The aim of this study is to understand the causes and identify 
control strategies of membrane scaling during ED using centrate feed by developing a 
dynamic mechanistic model of ED, including precipitation of common scaling minerals. A 
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practical outcome of this study will be to use centrate as a feed (diluate) stream into the ED 
cell, compared to effluent from an upstream pilot scale struvite crystalliser. 
The operation of ED for nutrient recovery from wastewater will differ compared to traditional 
desalination. It is envisaged that product recovery will be taken from the additional volume 
accumulating in the concentrate reservoir due to water fluxes from electro-osmosis and 
osmosis. Operating currents will be 70-90% of the limiting current, and will focus on 
generating product concentrate with minimal energy input. The model used is capable of 
approaching limiting current (described mechanistically by depletion of solute ions in the 
DBLs). Over limiting current mechanisms such as electro-convection are not studied here 
since above limiting operation is inefficient for ion recovery in this application. 
 
3.2 Methods 
3.2.1 Experiments 
Reactor configuration 
Experiments were performed in a batch-mode, laboratory scale ED unit, with electrolytes, 
concentrate and diluate being recirculated through reservoirs as shown in Figure 3.1. The unit 
was equipped with two CEM membranes (General Electric CR67) and two AEM membranes 
(General Electric AR204SZRA), each with an effective area of 12 x 14 cm (168 cm
2
), and a 
20 mm spacing. The amount and thickness of membrane scaling and fouling was not pre-
determined and a commonly sized ED cell of 0.3-2 mm spacing would have clogged during 
even short-term experiments of several hours. Hence wider 20 mm spaces were utilised to 
prevent clogging and to enable independent study of the scaling and fouling occurring on 
each different membrane without cross contamination between different membranes.  
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Figure 3.1: Configuration of the laboratory scale electrodialysis (ED) system. Anion 
exchange membranes (AEM) and cation exchange membranes (CEM) are shown with 
diffusion boundary layer (DBL) spatial areas indicated on either side. The scheme shows all 
modelled streams including convective flows in and out of the reservoirs, water fluxes across 
the membranes, as well as CO2(g) stripping and acid dosing for pH control in the concentrate 
reservoir.  
 
A mesh stainless steel cathode and a Ti/PtIrO2 electrode as the anode (Magneto special 
anodes B V, Netherlands) were utilised. The configuration of the system was anode-CEM-
AEM-CEM-AEM-cathode. The reservoirs were vented to maintain atmospheric pressure. A 
potentiostat (GW INSTEK model GPC 3030) was used to supply a constant current of 500 
mA (29.8 A m
-2
). This current density resulted in formation of scale within the 72 h 
experimental duration, while also falling within the operational limits of the potentiostat. The 
concentrate and diluate streams had a flow rate of 60 mL min
-1
 each. Sodium nitrate (5 g L
-1
) 
electrolyte was supplied to the anodic and cathodic compartments at the same flowrate of 60 
mL min
-1
 each. Sodium and nitrate ions are highly soluble and should not affect precipitation 
in the reactor except for their contribution to ionic strength. While cathodic reduction of 
nitrate is possible, previous work did not observe this to be significant (Thompson Brewster 
et al. 2016), and it if it did occur it would not significantly impact the key objective of 
precipitation modelling in the major scale areas in the central chambers of the cell. In full 
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scale application, work should be done to using electrolyte solutions with low propensity for 
undesirable electrode reactions.  
Operating conditions 
Three experiments were carried out to evaluate the benefits of two types of anti-scaling 
treatments compared to using reject wastewater. For the first treatment (treatment A), the 
initial diluate and concentrate solution was centrate from Luggage Point Sewage Treatment 
Plant. This is a major wastewater treatment plant (WWTP) in Brisbane, Australia, which 
treats a mix of domestic and industrial wastewaters. The centrate had been left to settle at 
minimum overnight with the supernatant decanted for use in the experiments. The first 
scaling treatment (treatment B) involved passing the centrate solution through a pilot struvite 
crystallisation process also located at Luggage Point WWTP. The struvite crystallisation 
doses sodium hydroxide and magnesium chloride for pH control and to promote phosphate 
recovery, respectively. The second scaling treatment (treatment C) involved automated 
H2SO4 acid dosing of the concentrate reservoir to maintain a constant pH value of 5, in 
addition to the struvite crystallisation pre-treatment. Initial concentrate and diluate solutions 
were the same at the start of each experiment. Initial volumes of the diluate, concentrate and 
electrolyte solutions were 20, 2 and 10 L for all three treatments, respectively. The electrolyte 
was replaced as the potential began to reach the limit of the potentiostat (30 V). 
Analytical techniques 
Sampling was done 7 times during the experimental period, with 30 or 45 mL samples taken 
from the reservoirs. Elemental analysis was performed using Inductively Coupled Plasma 
Optical Emission Spectroscopy (ICP-OES) (Perkin Elmer Optima 7300DV, Waltham, MA, 
USA) after nitric acid digestion for total and soluble cation concentrations (calcium, sodium, 
potassium, magnesium). Lachat QuickChem8500 Flow Injection Analysis (FIA) (Lachat 
Instruments, Loveland, CO, USA) was used to measure total soluble NH4
+
-N, PO4
3-
-P, NOx-
N and NO2
-
-N. The start and finish samples were also analysed by: ion chromatography (IC) 
for anions (Dionex ICS-2100 IC system, Dionex, CA, USA); total organic carbon (TOC) and 
inorganic carbon (TIC) (Shimadzu TOC-L CSH Total Organic Carbon Analyzer with TNM-
L TN unit, Kyoto, Japan); gas chromatography for volatile fatty acids (VFA) (Agilent 
Technologies 7890A GC System, CA, USA); and chemical oxygen demand (COD) (Merck 
Spectroquant® COD cell tests HC565173 25-1500 mg/L Spectroquant®). Total solids (TS) 
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were measured by evaporating and drying a 10 mL wastewater sample at specified 
temperature (103 to 105℃). Total suspended solids (TSS) was determined as the difference 
between TS and total dissolved solid (TDS) as per standard methods (Eaton et al. 1998). 
Total solution volumes were also measured at the start and end of the experimental period 
(for the concentrate and diluate) and, before and after electrolyte replacement. 
After the experiments, membranes were weighed to evaluate the mass of fouling and scaling 
accumulated on and within the membrane. As the membranes must remain hydrated before 
they are used in the experiments, the dry weight was estimated by measuring the percentage 
of water weight of clean wet membranes. Three hydrated AEM and CEM samples were cut in 
4 cm by 4 cm pieces, patted dry with paper towel and weighed. They were then dried in an 
oven at 50℃ until they recorded a constant weight, indicating they were completely dry. The 
percentage of water in a hydrated membrane was then calculated to be 33.7±0.4% and 
33.3±0.5% for CEMs and AEMs, respectively. At the completion of the ED experiments, the 
membranes were dried in the oven under the same conditions as the sample membranes. The 
final weight was subtracted from the initial weight to estimate the mass of scaling and/or 
fouling. It is possible some additional scale formed during the drying process. Assuming a 
worst case scenario of the maximum water loss containing the highest concentrations seen 
during the experiments, the potential for scale formation would be less or equal to the 
confidence limits represented in the results. 
After the membranes were dried, the composition of the scale was analysed for bulk 
characterisation using ICP as well as FIA to determine total Kjeldahl nitrogen (TKN) and 
total phosphorous (TP) (Lachat QuikChem8000 Flow Injection Analyzer, Lachat 
Instruments, Loveland, CO, USA). Total organic and inorganic carbon in the scale was not 
possible to quantify as the pH of the solution required to dissolve the minerals would result in 
stripping of carbon dioxide. Scanning electron microscopy (SEM) (Philips XL30 Scanning 
Electron Microscope, Philips Electron Optics, Eindhoven, Netherlands) for secondary 
electron and backscattered electron imaging as well as energy dispersive x-ray analysis 
(SEM-EDS) (EDAX SiLi detector, AMETEK, USA) was performed to provide further 
information about the variation in scale size, structure and elemental composition of the scale 
samples.  
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3.2.2 Modelling approach  
Physico-electrochemical 
The model in this study expanded previous work included in Chapter 2, to include multi-
species ion precipitation and compartment scaling, as well as expansion to a broader range of 
components, in order to describe real wastewater. As described in Chapter 2, the model here 
includes a simplified Nernst-Planck equation to describe mass transport, a charge balance to 
describe pH, and charge proportioning between multiple counter and co-ions for ion transport 
through IEMs. The model in Chapter 2 integrated the ED model with the speciation model in 
Flores-Alsina et al. (2015), allowing speciation, ion-pairing and pH effects to be simulated. 
These methods allow the diffusion and migration of ions to be linked with their speciation 
relating to pH and ionic strength of the solution in the direction of transport, perpendicular to 
the electrodes and membranes. The model uses a discretised approach for evaluating the 
average localised concentrations across different spatial areas in the cell and reservoirs 
corresponding to Figure 3.1. Concentrations are dynamically evaluated based on ionic fluxes 
and water flows between the spatial areas.  
For this study, the model needed to account for real wastewater solutions and expansion of 
the model from 5 to 11 model components was necessary. The components included total 
concentrations of sodium, potassium, calcium, magnesium, ammonium, phosphate, nitrate, 
acetate, chloride, carbonate and sulfate. As a result, this required the expansion of the model 
to include 79 model species, which include ion pairs as well as species made through acid or 
base dissociation of the above components (see Appendix E, Table E1, for the full list of 
species). Initial conditions were set to the initial concentrations of the centrate for the 
concentrate and diluate areas, or, for electrolyte areas, the electrolyte solution described in 
Section 2.1, or the initial volumes of the variable volume reservoirs as described in Section 
2.1. For precipitation states an initial condition of 10
-11
 M was used.  Spatial boundary 
conditions are zero flux at the electrodes, and zero concentration gradient at the electrodes.  It 
is noted that there are lateral advective flows through concentrate and diluate chambers, but 
these act on bulk compartments only.  
Solid phase chemistry was incorporated to account for the formation of precipitants in all 
reservoirs, bulk chambers and DBLs in the diluate and concentrate, but excluding the 
electrolyte. Mbamba et al. (2015) uses a parallel precipitation model using a semi-empirical 
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rate approach, where an independent rate of formation of each of the multiple minerals is 
calculated from a pool of participating ions. This method was used to calculate the localised 
formation of mineral precipitants across the different spatial areas of the diluate and 
concentrate chambers, DBLs and reservoirs. The minerals chosen, based on the criteria in 
Mbamba et al., (2015), were struvite, amorphous calcium phosphate (ACP), calcium 
carbonate monohydrate (CCM) and magnesium phosphate. Struvite, ACP and CCM are 
included as there was evidence to suggest their formation based on the ICP and SEM-EDS 
results. Struvite, ACP and CCM are known to be common minerals found in wastewater and 
have been previously modelled in wastewater systems (Mbamba et al. 2015). Magnesium 
phosphate was added as it was difficult to distinguish the formation of struvite from 
magnesium phosphate using SEM-EDS due to the low sensitivity to low elemental mass 
elements like nitrogen (Mikhaylin and Bazinet, 2016). However, only a small amount of 
magnesium phosphate was obtained from the simulations and model results supported the 
preferential formation of struvite. Calcium sulfate was not included due to a high KSP = 
4.92×10
-5
 (Scott, 2012), and hence calcium sulfate never had a SI>1 in any part of the 
domain. 
Chemical precipitation formation equations are shown in Equations 3.1 to 3.4, for struvite, 
ACP, CCM and magnesium phosphate, respectively, where r is the rate of formation or 
dissolution (mol m
-3
 s
-1
), k is the semi-empirical rate coefficient (s
-1
), a is species activity 
(mol L
-1
) and S is the state variable concentration of the solid species (mol m
-3
 for mineral 
species). Scale formation only occurred if the SI of the mineral was greater than one; if the SI 
was less than one, mineral dissolution occurred. Rates of dissolution were modelled 
empirically using the same equation as formation, with the final exponent term decreased to 1 
to account for the diffusion limitation of dissolution reactions (Mbamba et al. 2015). During 
these studies precipitation was the dominant mechanism. The semi-empirical rate coefficients 
and the pKsp values used in the model were 5, 0.5, 5 and 1 h
-1
 and 13.26, 7.144, 25.46 and 
23.98 for struvite, CCM, ACP and magnesium phosphate, respectively (Scott, 2012, Mbamba 
et al. 2015). 
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Mbamba et al. (2015) developed this model in three parts: equilibrium, kinetic and gas 
transfer. The equilibrium set of algebraic equations is similar to the one used here to account 
for the speciation. The kinetic part is included by adding to and amending the set of ODEs 
used to describe the concentrations of ions in the ED cell by adding one state equation for 
each precipitant in each spatial area for the diluate and concentrate parts of the cell and 
reservoirs. A limitation of the precipitation model is that precipitation of solids inside the 
membrane itself will not occur, as the membrane is not considered a spatial domain in the 
finite element matrix. 
Gas transfer of CO2 was included as shown in Equation 3.5, where r is the rate of CO2(g) 
formation (mol m
-3
 s
-1
), kla is the overall film mass transfer coefficient (0.001 s
-1
), SCO2(aq) is 
the concentration of dissolved carbon dioxide in the liquid bulk phase as calculated in the 
equilibrium part of the model (mol L
-1
), KH is the Henry’s law constant (0.034 mol L
-1
 atm
-1
) 
and pCO2(g) is the partial pressure of CO2(g) (0.00032 atm) (Mbamba et al. 2015). NH3(g) 
stripping was not included as it was not observed to occur during the experiments. 
  1000
)(2)(2)(2

gaqg COHCOlCO
pKSakr  ( 3.5 ) 
 
 
Water transport  
The experiments showed significant increases (175% to 335%) in concentrate reservoir 
volume over the course of the experiments (see Appendix H, Table H1) due to the water 
transport caused by osmosis and electro-osmosis (Pronk et al. 2006). To account for the 
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impact of water flux on the concentrate concentrations, the state equations for the diluate and 
concentrate reservoirs and chambers were expanded by removing the constant volume 
assumptions in the reservoirs and including an additional water flux term into the diluate and 
concentrate chambers. The state equations used in the model corresponding to nomenclature 
in Figure 3.1 are shown in Appendix F.  
Concentrate pH control  
To simulate treatment C, the model included acid dosing to maintain the concentrate pH at 
pH 5 by using a proportional control loop. This control loop added a flow of sulfuric acid in 
order to match the calculated pH in the concentrate reservoir (pHCres) to the set point pH (5) 
using Equation 3.6, where Facid is the flow rate of acid (m
3
 s
-1
) and kacid is the proportional 
control coefficient (10
-7
). 
 5
resCacidacid
pHkF  ( 3.6 ) 
 
3.3 Results and discussion 
3.3.1 Wastewater characterisation 
Anaerobic digester centrate was collected from Luggage Point WWTP, Brisbane, during 
February and March 2016. The pH, TSS, COD, total and soluble Ca, total and soluble Mg, 
soluble PO4
3-
-P and soluble NH4
+
-N of the centrate used in this study were compared against 
longer term data (January-April 2016) (see Appendix G). The comparison indicates that for 
most of the parameters the experimental wastewater has similar composition to the average 
values taken during the almost four months of baseline comparison data. On average, over the 
baseline comparison period the struvite crystallisation process removed 86±8% and 27±8% 
of the phosphorous and calcium, respectively, while it increased the magnesium 
concentration due to addition of magnesium chloride by 292±271% (an average 
concentration increase of 1.82 mM) compared to the average value for direct centrate. During 
this time, a separate study on magnesium dosing was being carried out at the struvite pilot 
plant, which contributed to the high variability in the magnesium concentrations. In treatment 
C the influent total and soluble Mg were over 20 times higher than for the other two 
treatments. This is likely due to reduced phosphate concentration in the centrate, leading to a 
temporary overdose of Mg in the struvite crystalliser just prior to the collection period.  
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3.3.2 Experimental results 
Formation of a white scale was observed on the concentrate side of the inner CEM (Cc) for 
treatment A and B (Appendix I, Figures I2 and I6). A layer of brown fouling was formed on 
the diluate side of the inner AEM (Aa) in all treatments (Appendix I, Figures I3, I7 and I11). 
Figure 3.2 shows the masses of membrane fouling and scaling observed on each membrane 
during the three consecutive runs. Using upstream struvite precipitation reduced the majority 
of scaling for the inner CEM membrane, i.e. the CEM closest to the cathode (Cc), and 
controlling the pH at pH 5 reduced it further. Using combined pre-treatment and pH control 
(treatment C) reduced the amount of scaling on this CEM by 87±7% compared to the direct 
centrate (treatment A). Furthermore, pH control of the concentrate did not make a difference 
to membrane fouling on the inner AEM, i.e. the AEM closest to the anode (Aa). However, 
using struvite crystallisation pre-treatment significantly reduced the amount of membrane 
fouling on the inner AEM during both treatments B and C by 64±8% and 63±10%, 
respectively. While modelling organic fouling is not within the scope of this study, this is a 
reasonable topic for future analysis, including the effect of struvite pre-treatment on organic 
fouling reduction. Organic foulants could be included in the model as partially charged 
complex organics which precipitate above a specific threshold (considering also the charge 
change with pH). There is, however, a substantial amount of fundamental research needed to 
support this model. 
After drying the membranes, any recoverable scale was analysed using ICP, TKN, TP as well 
as SEM-OES. Table 3.1 shows the results of the bulk characterisation of the scale using ICP, 
TKN and TP on all parts of the experimental membranes where it was observed to occur. The 
cation components in the scale include calcium, magnesium and nitrogen. Phosphorous is the 
only anion which was analysed in the scale, but it is likely that carbonate precipitants are also 
present based on aqueous phase concentrations of TIC. A summary of the SEM-OES 
observations about scale size, composition and shape for the 6 scale samples is also in Table 
3.1. A summary of SEM results are in Appendix J.  
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Figure 3.2: Mass of membrane fouling and scaling where Ac and Cc represent anion and 
cation exchange membranes closest to the cathode, respectively. Aa and Ca represent anion 
and cation exchange membranes closest to the anode, respectively. Treatments A, B and C 
are shown in dark grey (darkest), green (lightest) and blue, respectively. 
 
3.3.3 Modelling results 
Model calibration for the CO2(g) kla value and effective membrane resistance fraction was 
conducted using the data from treatment A, and validated using the data from treatments B 
and C. The full experimental and modelled results are shown in Appendix K, and have been 
summarised into a normalised correlation scatter plot in Figure 3.3, which has an associated 
normalised R
2
 value of 0.98. Further discussion of the calibration may be found in Section 
3.5.  
Figure 3.4 shows the model output for the concentration of each precipitant across all spatial 
areas of the diluate and concentrate chambers and DBLs of the ED cell. The notably higher 
concentrations in the concentrate DBLs next to the inner membranes indicate that the model 
is consistent with the experimental observations of where the precipitation occurred. In 
addition, the model is consistent with the observations of the types of mineralising elements 
described in Table 3.1. While conditions leading to supersaturation were expected on both the 
inner CEM and AEM concentrate sides during treatment A and B. The pH control of the 
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concentrate in treatment C was ineffective to sufficiently lower the SI of struvite and prevent 
scale formation in this area. 
 
 
Figure 3.3: Normalised correlation plot comparing the model components and pH to 
treatments A, B and C shown here in black (darkest), green (lightest) and blue, respectively. 
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Table 3.1: Summary of the composition of scale formed during the three electrodialysis 
experiments. 
Sample 
Ca (ICP) 
(mM/g) 
Mg (ICP) 
(mM/g) 
P (TP) 
(mM/g) 
TKN (TKN) 
(mM/g) 
SEM-OES summary  
(Note: nitrogen is difficult to 
detect using this method) 
Treatment A inner 
CEM (Cc) 
concentrate side 
3.50 2.79 2.99 1.82 
Varied composition, size and 
structure. Indicated elemental 
combinations include calcium, 
carbon and oxygen; magnesium, 
phosphorous and oxygen; and 
calcium, phosphorous and 
oxygen.   
Treatment A inner 
AEM (Aa) 
concentrate side 
3.87 1.72 3.91 1.52 
Varied composition, size and 
structure. Indicated elemental 
combinations include calcium, 
phosphorous and oxygen; and 
magnesium, phosphorous and 
oxygen. 
Treatment B inner 
CEM (Cc) 
concentrate side 
8.12 0.13 0.10 0.07 
Consistent, small shape and 
composition. The only indicated 
elemental combination includes 
calcium, carbon and oxygen. 
Treatment B inner 
AEM (Aa) 
concentrate side 
0.25 4.28 N/A N/A 
Some variation in shape, size 
and composition. Indicated 
elemental combinations include 
calcium, carbon and oxygen; 
and magnesium, phosphorous 
and oxygen.  Organics present. 
Treatment C inner 
AEM (Aa) 
concentrate side 
0.03 4.75 4.10 2.11 
Consistent large size and 
composition. Indicated 
elemental combinations include 
either low or high carbon 
content magnesium, 
phosphorous and oxygen 
Treatment C outer 
AEM (Ac) 
concentrate side 
0.02 3.56 3.24 2.03 
Consistent large size and 
composition. Indicated 
elemental combinations include 
either low or high carbon 
content magnesium, 
phosphorous and oxygen 
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3.3.4 Mechanisms contributing to membrane scaling 
Figure 3.4 shows the simulated results occuring in the DBL spatial area at the major scaling 
site on the concentrate side of the central CEM for the three treatments. The inlays in Figure 
3.4 show that the struvite pre-treatment in treatments B and C depleted the initial 
concentrations of phosphorous such that formation of struvite was limited. This explaination 
based on PO4
3-
 limitation is supported by similar NH4
+
 concentrations, Mg
2+
 concentrations 
and pH in treatment B compared to treatment A. In treatment C, the pH of the concentrate 
stream was controlled at pH 5, resulting in the speciation of carbonate to be driven towards 
H2CO3(aq) instead of CO3(aq)
2-
 and HCO3(aq)
-
 (noting that mathematically H2CO3(aq) is 
equivalent to CO2(aq)). The rate of CO2(g) stripping is driven by the concentrations of H2CO3(aq) 
(CO2(aq)), which in the case of pH controlled at pH 5 is much higher. Therefore, more 
carbonate leaves the system as gas resulting in the depletion of the aqueous carbonate 
component as seen in the inlays of Figure 3.4. This depletion of carbonate results in a SI 
below 1 for CCM and less precipitation occurring. The acid-base dissociation framework used 
in the model is generally applicable to any solution that contains these components. However, 
this study has highlighted the physico-chemically described speciation of carbonate as a key 
aspect of scale formation. Generalised speciation models could be a useful took to evaluate 
scale formation, particularly during over-limiting current applications such as Cifuentes-
Araya et al. (2013) and Mikhaylin et al. (2016), where steep ionic concentration gradients 
may exist. 
3.3.5 Calibration analysis 
Compared to the original membrane transport model described in Chapter 2, the modelled 
effective membrane resistance to ion transport was increased an order of magnitude in order 
to fit the concentration profiles over time. This includes protons and hydroxide ions as they 
function as co-ions. Since migration is fixed by the overall current, the main effective change 
is balance between ionic back diffusion versus forward migration. It is likely that the 
Membranes International Inc. membranes (Membranes International Inc., 2016a, 2016b) used 
in Chapter 2 have electrical resistances which differ to the membranes used here in Chapter 3. 
Due to different test conditions used to evaluate manufacturer membrane resistances these 
values are difficult to compare without the use of a standardised model (such as used here). 
This model parameter (the effective membrane resistance to ion transport) appears to be very 
important, particularly for electrodialytic nutrient recovery, as it affects the back diffusion of 
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ions and the maximum concentrations in the concentrate stream. These are both key issues to 
the practical application of electrodialytic nutrient recovery, and the balance of membrane 
selectivity versus resistance for mixed ions has not been covered extensively in the literature. 
This additional effective membrane resistance benefits the increase in concentration would 
need to be practically evaluated in regards to the resulting increase in energy consumption, 
but such a study is beyond the scope of this work.  
3.3.6 Implications for design and application 
This study demonstrated that scaling in ED with real wastewater occurs due to inorganic 
species such as PO4
3-
, NH4
+
, Mg
2+
, Ca
2+
 and CO3
2-
, which form low-solubility minerals. The 
formation of struvite scale can by limited by removal of phosphate from the aqueous phase, 
while in the case of calcium carbonates it is aqueous carbon dioxide that needs to be removed. 
The intended use of this technology is downstream of a struvite recovery unit for reject 
centrate liquor in a standard WWTP. The main outcome of this study is that coupling these 
technologies is useful for scale control during ED with wastewater relatively high in 
phosphorous. The more effective the struvite recovery unit is at removing all the phosphate, 
and if possible calcium, from the wastewater, the less scale will be formed and therefore the 
maintenance costs for the ED unit will be lower. However, due to its main purpose, the 
struvite recovery unit does not reduce the calcium or carbonate concentrations as much as the 
phosphorous. It is noted that pH control of the concentrate is far more expensive (due to 
chemical consumption) than phosphate removal, and hence there is a hierarchy of control 
measures. Use of aeration pre-treatment for struvite crystallisation to raise the pH may be 
beneficial as it is known to remove carbonates in addition to promoting struvite formation. 
Based on the mass of scale formed during the different treatments, it is estimated that the in 
situ scale reduction treatment C would extend the need for a shut-down chemical cleaning 
using acid-wash by approximately 7 times compared to treatment A. While this study used 
spacers of 20 mm, spacers of 5-10 mm are envisaged for pilot and full scale operation using 
centrate feed based on the scale control treatments identified here. 
The description of scale prevention here is very similar to Shaffer and Mintz (1966), their key 
recommendation is to keep the solution below the supersaturation limit. The model developed 
here can be used to dynamically identify which conditions will lead to the supersaturation 
limit in the complex solutions and in spatial areas where it is difficult to pre-determine the 
concentrations, for example in DBLs. This coupled electrochemical and physico-chemical 
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modelling tool should be used for processes where scaling is likely to occur, such as dairy 
processing (Casademont et al. 2007, Casademont et al. 2008), phosphate recovery from 
reverse osmosis concentrate (Zhang et al. 2013), or other applications concerning nutrient 
recovery from faeces or urine streams (Ledezma et al. 2015, Mondor et al. 2009). This study 
highlights the usefulness of ED as a nutrient recovery technology for domestic centrate 
wastewater which is low in phosphate. However, due to the complex physico-chemistry of 
electrochemical technologies, it is impossible to nominate ED as a optimal technology of any 
liquid stream low in phosphate, as calcium and magnesium based scales are common 
occurances in many systems. Model based analysis using the specific concentrate and diluate 
conditions is necessary before coming to such a conclusion for other types of wastewater. 
Future studies could study scale control using pulsed-modes of current, membranes with 
different properties and electroconvective vortices which occur at over-limiting current 
(Cifuentes-Araya et al. 2013, Cifuentes-Araya et al. 2014, Mikhaylin et al., 2014, Mikhaylin 
& Bazinet,  2016). In addition, prior to full-scale operation, organic fouling formed on the 
diluate side of the AEM should be analysed to determine whether pre-treatment removal or 
ED reversal (EDR) need to be applied to control fouling formation. 
3.4 Conclusion 
The combination of struvite removal pre-treatment and pH control at pH 5 reduced the 
amount of mineral scale observed during electro-concentration of real domestic reject 
wastewater. There is also preliminary evidence to suggest struvite pre-treatment reduced the 
amount of organic fouling in the system. A mechanistic model describing the behaviour of 
inorganic ions including aqueous, solid and gas phase physico-chemistry was developed. The 
model indicated that the mechanisms behind scale control on the concentrate side of the CEM 
were the removal of a limiting struvite component (phosphate) through the struvite 
crystallisation pre-treatment and stripping of the carbonate component as CO2(g) which 
prevented the formation of CCM. 
 
Supplementary information: Modelling codes used in this chapter may be downloaded 
from: http://dx.doi.org/10.1016/j.watres.2016.11.063. 
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Chapter 4 – Modelling ammonium electro-concentration 
from urine 
4.0 Chapter 4 abstract 
Electro-concentration enables treatment and nutrient recovery from source separated urine, 
and is a potential technology for on-site treatment using a 3 compartment configuration that 
has anode, cathode and middle concentrate compartments. There is a particular focus on 
driving concentration towards the precipitation threshold in the concentrate compartment to 
generate solid ammonium salts, including ammonium bicarbonate. To evaluate controlling 
mechanisms and the feasibility of achieving high concentrations, a dynamic mechanistic 
model was developed and validated using experiments with synthetic urine. It was identified 
that high concentrations are prevented by increased back diffusion due to large concentration 
gradients, and the preferential migration of protons and hydroxide ions due to a loss of 
buffering capacity in the anolyte and catholyte (due to pH extremes). Model based sensitivity 
analysis also identified that electrolyte ion concentrations (including buffer capacity) was the 
main controlling mechanism, rather than membrane or electrolyte current transfer capacity. 
To attain high concentrations, operation should be done using a) a high current density 
(however there is a maximum efficient current density); b) feed at short hydraulic retention 
time to ensure sufficient buffer capacity; and c) a feed high in ammonium and carbonate, not 
diluted, and not contaminated with other salts. Taking into account electron supply and bio-
anodic buffer limitations, model testing shows at least double the aqueous concentrations 
observed in the experiments may be achieved by optimising simple process and operational 
parameters. Future experimental work should be directed towards developing the electrodes to 
enable higher current densities and ion exchange membranes with higher resistance to water 
fluxes and which limit back diffusion. Future modelling work should describe osmotic and 
electro-osmotic water fluxes as a function of the concentration gradient across the membranes 
and ionic fluxes, respectively, and also identify best methods to apply generalised 
physicochemical methods where standard (and relatively simple) activity models do not 
apply. 
Redrafted after: Thompson Brewster, E., Jermakka, J., Freguia, S. and Batstone, D.J. (2017) 
Modelling recovery of ammonium from urine by electro-concentration in a 3-chamber cell, 
Water Research (in press), DOI: 10.1016/j.watres.2017.07.043.  
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4.1 Introduction 
4.1.1 Source separated urine 
Previous chapters of this thesis focused on nutrient recovery from existing centralised 
wastewater treatment (WWT). Centralised WWT refers to a system of combined sewer 
networks that are directed to a major wastewater treatment plant (WWTP), or resource 
recovery facility (RRF). While wastewater treatment in general focuses on removal on 
nitrogen, the application of centralised treatment causes dilution of urine, the main source of 
nitrogen, using source combined flush toilets (Larsen et al. 2013), an inherently inefficient 
concept.  
Each person excretes approximately 1.5 L of urine per day, which forms about 1% of the 
volume of domestic wastewater, but contributes 80% of the nitrogen and 50% of the 
phosphorous (Kuntke et al. 2014, Maurer et al. 2003). Mixing the urine and faeces, and 
diluting the combined stream with flush water results in a higher volume of more complex 
waste. This combined waste requires larger, multifunctional, and multi-stage treatment to 
remove nutrients at relatively dilute levels, as well as ensure pathogen destruction. There are 
benefits in source separating and separately treating urine and faeces from domestic sources. 
In particular, urine treatment may be targeted for nutrient removal, while faecal and flush 
water treatment may be targeted for pathogen and organics removal. In addition, the high 
quantities and concentration of nutrients in undiluted urine make it an ideal feed stream for 
nutrient recovery. 
Nutrient recovery from urine using electro-concentration has been demonstrated at the 
laboratory scale (Pronk et al. 2006, Ledezma et al. 2015). It is envisaged that a possible future 
concept for wastewater treatment may be the collection and on-site nutrient removal and 
recovery from source separated urine at the household, apartment, office or hotel building 
scale, prior to disposing of the nutrient depleted liquid into the sewer network. This would 
reduce the nutrient load on the total WWT system, enabling more economic and energy 
efficient treatment, as well as delaying infrastructure upgrades. 
4.1.2 Bio-electro-concentration of ammonium bicarbonate 
A promising technology for decentralised nutrient recovery from hydrolysed urine is 
bioelectrolysis in a three-compartment system, see Figure 4.1 (Tice & Kim 2014, Ledezma et 
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al. 2017). Pre-hydrolysed urine passes through a bio-anodic chamber, then into a cathodic 
chamber, with ammonium (and other cations) passing from the bioanodic chamber into a 
middle chamber, and bicarbonate (and other anions) passing from the cathodic chamber to a 
middle chamber. Ammonium and bicarbonate ions are concentrated in the middle chamber, in 
preparation for precipitation of solid ammonium bicarbonate (ABC), a desirable product 
suitable for use in fertiliser production. 
 
Figure 4.1: Configuration of the system being studied. The anion exchange membrane (AEM) 
and cation exchange membrane (CEM) are shown, as are all modelled streams including 
convective flows in or out of the reservoirs (Q1-Q4) and water fluxes across the membranes 
(Q5 and Q6). 
 
Immediately after excretion from the body, urine contains high levels of urea. A naturally 
occurring enzyme called urease hydrolyses the urea into ammonia and carbamate, which is 
hydrolysed further to bicarbonate (Mobley and Hausinger 1989). The hydrolysis reaction 
raises the pH of the urine, resulting in supersaturation and the precipitation of minerals such 
as struvite, hydroxyapatite, calcium phosphates and calcium carbonates (Udert et al. 2003a, 
Kuntke et al. 2012a). This form of urine is called hydrolysed urine, and this is the optimal 
feed to a bioelectrolysis based recovery system. The use of hydrolysed urine as a feed stream 
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has the advantages of being high in ammonium and carbonate, as well as having a very low 
propensity for IEM scaling due to the pre-precipitation of low-solubility components (PO4
3-
-
P, Ca
2+ 
and Mg
2+
) during the pre-treatment hydrolysis (Udert et al. 2003b) 
Several fundamental challenges make supersaturation of ABC from urine difficult. Firstly, 
ABC is highly soluble, 24.8 g/100gH2O at 25 ̊C (Scott 2012). Low temperature or vacuum 
concentration is required for crystallisation to occur under normal conditions. Secondly, the 
speciation of ammonium and bicarbonate in electrochemical systems is complex relating to 
the respective (and for carbonate multiple) acid-base dissociation points (associated with pKa 
values). This particularly affects electro-concentration processes as non-charged species 
(NH3(aq), H2CO3(aq)) will not migrate across ion exchange membranes (IEMs) into the 
concentrate, but will still diffuse across IEMs due to the concentration gradient (Kuntke et al. 
2012a, Dykstra et al. 2014, Pronk et al. 2006). Thirdly, competitive current transport of other 
ions in urine, such as sodium, chloride, potassium and acetate, will limit the current efficiency 
for ammonium and bicarbonate transfer (Kelly and He 2014, Liu et al. 2016), as well as 
increasing the ionic strength of solution, effectively decreasing the ionic activity of 
ammonium and bicarbonate. This further limits the ability to achieve supersaturation (Tait et 
al. 2009). Finally, maximum concentrate concentrations are restricted by back diffusion of 
ions from the concentrate across the IEM to the diluate, as well as water flux into the 
concentrate due to osmosis and electro-osmosis (Pronk et al. 2006).  
The objective of this work is to assess the ability of bioelectrolysis systems to achieve 
maximum aqueous concentrations, such that that crystallisation potential is maximised in the 
concentrate stream. Model based analysis using the framework developed in Thompson 
Brewster et al. (2016) has been adapted for the two IEM, three-chamber system corresponding 
to the configuration shown in Figure 4.1. The model is validated using laboratory scale 
experiments with synthetic urine. Sensitivity analysis on operational and membrane 
parameters is undertaken to analyse the product concentrations of ammonium and bicarbonate 
in relation to the fluxes of ions in and out of the middle chamber.  
Bioelectrolytic ABC recovery is intended to be a microbial process, which utilises current 
generated at a bio-anode.  However, the biological aspect is modelled here assuming that the 
microbial biomass is not limiting, as also suggested in the experiments of Ledezma et al. 
(2017). The focus here is an electrochemical approach to investigate the complex relationship 
between pH, current density, mass transport and other electrochemical operational parameters 
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enabling high concentrate concentrations during electro-concentration processes. In addition, 
only aqueous and gas phases are included in the model due to the low likelihood of solid ABC 
formation at these conditions of ambient temperature and pressure. 
4.2 Methods 
4.2.1 Modelling methods 
The modelling framework in Chapter 2 (Thompson Brewster et al. (2016)) provides a 2D 
simulation platform incorporating migrative-diffusive, and convective fluxes using a series of 
ordinary differential equations (ODEs), coupled with fast acid-base and ion pairing reactions 
assumed to be always at equilibrium. The acid-base and ion-pairing equilibrium reactions use 
the model described in Flores-Alsina et al. (2015). This is done by integrating the ODEs in 
MATLAB 2014b with C code modified from Flores-Alsina et al. (2015) to compile to a 
matlab executable (MEX) function. The method used here uses a similarly fast acid-base 
dissociation equilibria approach to Dykstra et al. (2014) and Liu et al. (2016), who studied 
ammonium mass transport in urine fed and synthetic digestion effluent of livestock waste, 
respectively, in microbial electrochemical cells (Kuntke et al. 2012a, Kuntke et al. 2014). 
However, incorporated here is a larger set of components and species, including ion-pairing. 
In addition, the dynamic and experimentally validated combined system of differential 
algebraic equations (DAEs) and ODEs describes speciation and mechanistic mass transport 
across the whole experimental domain, including flows and reservoirs. The integration of the 
speciation, pH and ion-pairing code in Flores-Alsina et al. (2015), means this model is more 
generalizable and versatile than previously described models.  
A difference from Chapter 2, using the speciation code from Flores-Alsina et al. (2015), is 
that an ideal activity model was used here. This is because the Davies activity correction has a 
validity range of up to 0.5-0.7 M and the middle chamber approaches 2 M, well exceeding the 
validity of the Davies activity model (and indeed, the Davies model produces substantially 
more erroneous results compared with an ideal assumption). The effect of this assumption 
was shown to not be a significant factor in this specific instance, but activity models at very 
high ionic strengths, applied to generalised models remains a challenge as discussed further in 
this chapter. See Appendix L for analysis of the effect of an ideal activity assumption (note 
ion pairing has been retained). 
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The system shown in Figure 4.1 was implemented in the model, corresponding to the 
experimental configuration described in Section 4.3. This has 6 control volumes, including 
constant volume catholyte, anolyte and middle reactor chambers; and varying volume feed 
inflow, feed outflow and product overflow reservoir chambers. No diffusion boundary layers 
(DBLs) were included in the model as at the reactor size and flows in Thompson Brewster et 
al. (2016) they were not a controlling factor. In this case, flow rates are slower than Chapter 2 
and granular electrodes are used making boundary layer limitations less prevalent. Diffusion 
and migratory fluxes occur across the anion exchange membrane (AEM) and cation exchange 
membrane (CEM) according to the simplified Nernst-Planck equation and taking in account 
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chloride, acetate, calcium, magnesium, carbonate, sulphate and phosphate. CO2(g) stripping in 
the anode (low pH), with conjugate reabsorption into the aqueous phase in the cathode, was 
also included with the anode kla constant fitted during calibration, and cathode gas transfer 
assumed instantaneous. This mechanism was shown to be necessary during calibration of pH 
and carbonate against measured data. 
The differential equations forming the model are provided in Appendix M. Initial 
concentration conditions were set to the initial concentrations of the feed for the feed and 
outflow reservoirs, and the catholyte, middle and anolyte chambers (see Table 4.1). The initial 
overflow reservoir concentrations were set to 10
-21
 mM. Initial volume conditions were 10
-21
 
m
3 
for the overflow reservoir, 1 m
3
 for the anode feed reservoir and 10
-6
 for the cathode outlet 
reservoir. Spatial boundary conditions are zero flux and zero concentration gradient at the 
electrode compartment domain limits. It is noted that there are lateral advective flows through 
catholyte and anolyte chambers, but these act on bulk compartments only. The system of 
ODE equations was solved by ODE45, while the algebraic equations were solved using an 
annealing Newton’s method as in Flores-Alsina et al. (2015). 
As in Chapter 2, the default membrane resistance to all ions is artificially accounted for in the 
model by reducing their diffusion coefficient in the membrane by one order of magnitude for 
counter-ions and two orders of magnitude for co-ions, the diffusion coefficients for protons 
and hydroxide ions in the membrane are the same as in solution. Water fluxes from the 
electrolytes into the middle chamber and overflowing into the reservoir are also taken into 
account by empirically fitting the rate of flux to be linear and equal to the amount measured 
during the experiments.  
67 
4.2.2 Experiments 
Three dynamic experiments were in a continuous, laboratory scale reactor built on the scheme 
of Figure 4.1, with feed flow path from anode to cathode to effluent, with both cathode and 
anode circulated internally. The concentrate was collected by gravity to an overflow bottle. 
Conditions of the three experiments correspond to different operating parameters shown in 
Table 4.2. Varying working volumes were due to three different reactors being used, each 
having slight variations in granule packing and tube length. The anolyte feed consisted of 
synthetic hydrolysed urine based on Udert et al. (2006), or a no acetate alternative (hereafter 
called ‘no acetate’). The composition of each is shown in Table 4.1. The unit was equipped 
with one CEM (Membrane International Inc. CMI-7000) and one AEM (Membrane 
International Inc. AMI-7001), each with an effective area of 70 x 50 mm (35 cm
2
), and a 10 
mm spacing for the electrode chambers, 10 mm for the middle. A stainless steel mesh cathode 
and a graphite granular anode with graphite rod current collector were utilised. A potentiostat 
(BioLogic VSP) was used to supply the current density specified in Table 4.2. The feed has a 
flow rate of 0.3 mL min
-1
. There was only self-sourced convective flow in the middle 
chamber to an overflow reservoir due to small water fluxes through the membranes. The run 
was started with all chambers filled with feed solution and run continuously until steady state 
concentrations were reached in all chambers, around 11 d. 
Table 4.1: Feed centration for the basic urine recipe and the feed with no acetate. 
Component (M) Na K  NH4 Cl Ac Ca Mg CO3 SO4 PO4 
Urine 0.111 0.056 0.568 0.118 0.125 0 0 0.271 0.016 0.018 
No acetate 0.111 0.056 0.444 0.118 0 0 0 0.271 0.016 0.018 
 
Table 4.2: Operating parameters of the three experiments. 
 Run 1 Run 2 Run 3 
Feed Urine Urine No acetate 
Applied current (A m
-2
) 40  60 40 
Feed flow rate (mL min
-1
) 0.3 0.3 0.3 
Water flux to overflow (mL min
-1
) 0.031 0.038 0.031 
Working volume cathode (mL) 41.9 44.1 45.6 
Working volume anode (mL) 54.2 52.4 50.4 
Working volume middle (mL) 43.5 42.7 45.5 
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4.2.3 Analytical techniques 
Sampling was done using a sampling port with a syringe from feed and anode recirculation 
loops; cathode effluent; and middle chamber. 1-1.5 mL samples were taken and diluted with 
deionised water for analysis. Samples were analysed for Na, K, Ca, Mg and SO4
2-
-S using 
Inductively Coupled Plasma Optical Emission Spectroscopy (ICP-OES) (Perkin Elmer 
Optima 7300DV. Flow Injection Analysis (FIA) Lachat QuickChem8500 (Lachat 
Instruments, Loveland, CO, USA) was used to determine total soluble NH4
+
-N  and PO4
3-
-P. 
Ion Chomatography Dionex ICS-2100 (Dionex, CA, USA) was used to determine Cl, and 
Total Organic Carbon Analyzer Shimadzu TOC-L CSH with TNM-L TN unit (Kyoto, Japan) 
to determine total organic carbon (acetate component) and inorganic carbon (carbonate 
component). 
4.2.4 Sensitivity analysis 
After model validation, a series of simulations were performed to evaluate the effect of 
different operating conditions on the product concentrations. In all cases the different 
treatments are compared via the plateau (steady-state) concentrations of aqueous ammonium 
and bicarbonate in the product overflow reservoir and using the base settings of run 1 (current 
density, flow rate, feed composition, etc.) unless specified otherwise. 
Current density 
A key focus of research is improving the current and power density capabilities of bio-
electrodes (Guo et al. 2015, Logan and Rabaey 2012). Simulations were done to identify 
whether there is an optimum current density, or if a greater current density always achieve 
greater product concentrations. These simulations sweep the current density from 10 to 150 A 
m
-2
 in increments of 20 A m
-2
 with all other parameters remaining constant.  
Retention time  
In bio-electrochemical systems (BESs), it is important that the anolyte solutions remain 
relatively neutral in pH, to avoid biological inhibition (Torres 2014). In this application, 
bicarbonate buffer is important to keep the bio-anode at a near neutral pH. To evaluate the 
minimum operating flowrate (i.e. minimum input of buffer capacity), the impact of feed flow 
rate, and therefore retention time, on the pH as well as product concentrations is evaluated 
between 0.1-1 mL min
-1
 in increments of 0.1 mL min
-1
. 
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Additional NaCl in feed 
There will be natural variation in the feed during practical process operation. In addition, 
competitive current transport may limit the product concentration of ammonium and 
bicarbonate in the presence of other ions. The impact of excess salt (and therefore higher ionic 
strength) in the feed is evaluated by varying the feed by 111-611 mM and 118-618 mM 
increasing in increments of 50 mM of Na and Cl, respectively. 
Acetate 
In bio-electrochemical systems (BES) a key biological reaction is the conversion of organic 
substrate, commonly modelled as acetate, to bicarbonate at the anode, see Equation 4.1 
(Kuntke et al. 2012b).  
  HeHCOOHCOOCH 9824 323
 
( 4.1 ) 
The effect of the reaction conversion may be evaluated in terms of ionic fluxes across the 
membrane (Dykstra et al. 2014). The impact of the acetate concentration in the catholyte is 
evaluated by running abiotic simulations. The simulations simply vary the amount of acetate 
in the feed to reflect 0 and 100% acetate conversion using the assumption that 1 M of acetate 
converts to 2 M carbonate.  
Membrane properties 
Another avenue of research is on IEM development for emerging wastewater treatment 
processes (Logan and Elimelech 2012, Xu 2005). The following membrane properties were 
tested to determine if using membranes with different characteristics has an effect on the 
product concentrations to advise on the direction of membrane research: a) membrane 
resistance to all ions increase by 10 and 100 times; b) membrane resistance to NH3(aq) 
increased by 10 and 100 times; and c) reduced water flux into the middle chamber by 50% 
and 33% the original volume in run 1.  
4.3 Results and discussion 
4.3.1 Calibration & validation 
Calibration was done on run 1 (40 A m
-2
, acetate present) to determine the kla constant for 
CO2 stripping in the anode to be 1.8 h
-1
. Based on the model fit to experimentally observed 
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nitrogen component concentrations, no NH3 stripping was observed to occur (see 
supplementary information 3 for further information). An F-test with 5% significance 
threshold found that there was no significant difference (p = 0.65) between a model not 
including ammonia stripping and a model including ammonia stripping. Figure 4.2 shows the 
normalised output for experimental and modelled concentration and pH results for the three 
test scenarios showing overall good representation of data by the model (R
2
 = 0.98). See 
Appendix O, Figure O1 and O2 for time-series data. 
 
Figure 4.2: Normalised component and pH plot for the three experimental and modelled 
scenarios.  
 
4.3.2 Current density and retention time 
The product concentrations are asymptotic with increasing applied current (Appendix P, 
Figure P1). Above 90 A m
-2
 with feed flow of 0. 3 mL min
-1
, increased current no longer 
improves the product concentrations. At this point extreme pH levels occur in the cathodic 
and anodic chambers due to depletion of major cations and anions in the electrolytes also 
contributing to the pH change. Above 90 A m
-2
 H
+
 preferentially transports the additional 
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current density over NH4
+
 (and other cations), and similarly OH
-
 preferentially transports over 
bicarbonate (and other anions) (see Appendix Q, Figure Q1). The relationship between 
leakage rate and pH can be seen in Figure 4.3. Figure 4.3 displays the dominant species which 
carry charge across the CEM (left hand side) and AEM (right hand side) at steady state when 
the pH of the anolyte (left hand side) or catholyte (right hand side) varies. In Figure 4.3, the 
fraction of total charge is the charge flux of the species (moleq s
-1
) divided by the equivalent 
total moles of charge (moleq s
-1
) calculated from the applied current. Figure 4.3 illustrates the 
speciation of bicarbonate to carbonate in the catholyte with elevated pH, which could actually 
benefit the middle chamber concentrations due to carbonate being a divalent species. Current 
leakage at values less than pH 6 is much less likely to be an issue in the biological system as 
the process cannot operate below biological pH limitations. Figure 4.3 does not add to 100% 
of charge, as not all ions are displayed here. The balance (to 100% of charge) is Na
+
 and K
+ 
through the CEM, and Cl
-
 and Ac
-
 through the AEM (see Figure 4.5 for a flux analysis of all 
species). 
 
Figure 4.3: Current density parameters sweeps from 10 to 150 A m
-2
 with flow rate 0.3 mL 
min
-1
 (filled markers) and flow rate parameter sweeps from 0.1 to 1 mL min
-1
 with current 
density of 40 A m
-2
, (outlined markers), displaying anolyte pH and cation current transport 
fraction (circles, on the left), and catholyte pH and anion current transport fraction (triangles, 
on the right). 
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Figure 4.3 also indicates there is a minimum required flow rate to prevent current leakage and 
achieve optimal product concentrations. For this configuration at 40 A m
-2
 and 0.2 mL min
-1
, 
the retention time is so great that the buffering capacity of the carbonate system is exhausted, 
and the pH of the anolyte and cathode deviate from neutral (Figure P1).  
A response surface model (RSM) was done through multi-variate linear regressions in 
Microsoft Excel (2010) varying current density and flow rate as factors and using ammonium 
nitrogen (TAN) and total carbonate carbon (TCC) as the response variables. Equations 4.2 
and 4.3 display the regression output, and Figure 4.4 visualises the RSM.  
QIIQIQCTAN 72.794095.289085.312799.384083.228834.200
22 
 
(4.2) 
QIIQIQCTCC 11.38525.162988.1511354.211591.102996.45
22 
 
(4.3) 
where C is the modelled steady-state product concentration (mM), Q is flow (mL min
-1
) and I 
is current density (A m
-2
). The overall model for both regressions was significant (F-test pTAN 
= 2x10
-12
, pTCC = 6x10
-12
) with the interaction parameter having the most significant effect 
(single parameter two-tailed t-test pX1X2TAN = 3x10
-10
, pX1X2TCC = 9x10
-10
,). The RSM shows 
that with increasing both current density and flow rate, the model developed in this paper does 
not identify any limiting mechanisms to achieving high concentrate concentrations as long as 
both factors (current density and flow rate) are increased simultaneously. This indicates the 
main controlling mechanism to achieving high concentrations is the electrolyte composition, 
rather than membrane or electrolyte current carrying capacity. Bioelectrodes are currently 
incapable of generating such high current densities, and the maximum is at or below the 
solubility threshold for ABC of 24.8g/100g (also needing to consider ionic activity and ion 
pairing). However, the model nevertheless demonstrates that very high concentrations can be 
achieved when operating at a suitable TCC loading rate. 
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Figure 4.4: Response surface modelling (RSM) of total ammonium nitrogen (TAN) and total 
carbonate carbon (TCC) by varying current density and flow rate. 
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The discussion of current density and retention time is considered similar to Rodríguez 
Arredondo et al. (2017) description of loading rate, defined as the current density divided by 
influent TAN Rodríguez Arredondo et al. (2017) demonstrate with high loading rate that 
100% TAN recovery can be achieved. The model developed here extends this way of thinking 
to a more complex system to mechanistically describe maximum middle chamber 
concentrations of TAN and TCC. In the system studied here is it not possible to only study 
TAN loading because bicarbonate is the limiting component in this configuration. 
4.3.3 Acetate conversion 
The simulated conversion of acetate to bicarbonate increases the plateau concentrations of 
bicarbonate in the product (Figure P1). This is due to the resulting bicarbonate flux increase 
across the AEM into the middle chamber due to higher overall concentrations in the cathode 
and anode resulting in the preferential proportioning of current to bicarbonate (Figure Q2). 
The naturally occurring concentration of bicarbonate in hydrolysed urine is less than 
ammonium (about half). If the bio-anode achieves high acetate to carbonate conversion, this is 
effectively increasing the current available, which will increase middle chamber 
concentrations (due to acetate conversion), but deplete (due to increased migration) the 
buffering capacity of the system. 
4.3.4 Salinity 
Additional sodium and chloride added to the feed had the effect of proportionally decreasing 
the ammonium and carbonate in the product (Figure P1). This was attributed to the 
preferential proportioning of current to sodium and chloride due to their higher concentrations 
in the anolyte and catholyte (Figure Q3).  
4.3.5 Membrane properties 
Membrane resistance to all ions 
Increasing the membrane resistance to all ions increased the plateau concentrations of all 
components, but did not affect pH (Figure P1). Less back diffusion was observed with 
increasing membrane resistance (Figure Q5) 
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Membrane resistance to ammonia 
Increasing the membrane resistance to ammonia slightly increased the plateau concentrations 
of nitrogen, but did not affect pH (Figure P1). It slightly reduced the ammonia plateau back 
diffusive flux (Figure Q6). 
Water flux into middle chamber 
Decreasing water flux increases the time to reach a plateau concentration, but also 
proportionally increases the product concentrations (Figure P1). For this study, simulations 
were run for 100 d, increased from the 11 d used for all other simulations, to ensure the final 
concentrations were at steady-state. The product concentrations increase as the water flux to 
the middle chamber decreases. This is not unexpected, as less water flux means less water to 
dilute the middle chamber concentrations. The ionic fluxes into and out of the middle 
chamber do not change significantly as the rate of water flux decreases. However, the rates of 
back diffusion do increase with the decrease in water flux (Figure Q7).  
4.3.6 Key factors 
Bicarbonate 
Bicarbonate is important to system efficiency and maximum concentration for two reasons: 
enabling increased product concentrations of ammonium bicarbonate, and functioning as 
buffer. For the latter reason, it is important that the system is run at an appropriate current 
density and flow rate that there is sufficient buffer capacity to ensure the pH remains close to 
neutral in all streams, while still maximising product concentration of carbonate. This is 
essential to prevent current leakage from protons and hydroxide ions, as well as ensuring the 
functioning of the bio-anode in a bioelectrochemical application. At pilot or full scale, the 
retention time and applied current will need to be balanced for different reactor sizing. A 
feedback controller which controls the anode feed pump rate would largely address the buffer 
capacity and bicarbonate availability issue. The model developed here could be used to 
evaluate appropriate reactor sizing based on the possible current densities and minimum 
available urine flow rates. It is intuitive that the bio-anode should be operated to ensure 
optimum conversion of organics in the feed to bicarbonate to increase the bicarbonate 
concentration in the cathodic chamber. However, in practice, increased conversion is 
proportional to increased current which must be coupled with increased carbonate loading to 
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ensure buffer capacity is not exhausted. Another process option if nutrient removal from urine 
is a key target as opposed to high product concentrations is to recirculate the cathode effluent 
back to the anodic chamber. 
Optimum configuration 
The abiotic model developed here is able to operate under more extreme conditions compared 
to a biotic system. In particular, the acetate conversion to bicarbonate is linked to current 
production, and the anolyte pH must remain within the biological range (pH 6-9). Two 
scenarios which balance these considerations with improved operational settings are 
proposed. These scenarios take into account that 8 electrons are produced to convert acetate to 
carbonate (Equation 4.1). This is taken into account to provide a realistic current density and 
acetate conversion to bicarbonate based on the electron balance, which is simulated by a 
varying the feed composition. Proposed option 1 uses a current density of 60 A m
-2
, 50% 
acetate conversion, and the same flow rate as run 1 (0.3 mL min
-1
). Proposed option 2 
evaluated a higher current density of 90 A m
-2
, double the feed flow of 0.6 mL min
-1
 and 30% 
acetate conversion.  These operational scenarios use the same feed as in run 1 (apart from 
where specified), no additional salt and 10% reduction of the osmotic and electroosmotic 
water flux observed in run 1. 
Table 3 shows the steady-state concentrations of ammonium and carbonate components. It 
shows higher product concentrations can be achieved compared to the validation runs, while 
maintaining adequate buffering capacity. Recovery percentages for ammonium and carbonate 
were calculated using Equation 4.4. 
inin
outout
FC
FC
1%Re  (4.4) 
where Re% is the recovered percentage and subscript in and out refers to the anolyte feed 
stream and catholyte outflow stream, respectively. 
These results indicate that realistic operating strategies can significantly increase ammonium 
and bicarbonate concentrations in the product, while maintaining effective buffer capacity 
through the system. A recommended method to ensure high product concentrations within 
realistic operational conditions is by increasing the feed flow rate; however this may be 
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limited by urine supply in a pilot scenario. Table 4.3 also indicates that higher concentrations 
in the middle chamber does not result in higher recovery percentages. 
Figure 4.5 displays steady-state species fluxes for the base case of run 1 and the two 
optimised scenarios. The suggested options ensure adequate buffering capacity in the 
chambers results in larger fluxes into the middle chamber, without current leakage or a 
proportional difference in the species undergoing the largest fluxes. 
 
Table 4.2: Final equilibrium results of testing optimised modelled scenarios. 
Parameter Run 1 Option 1 Option 2 
Current density (A m
-2
) 40 60 90 
Flow rate (mL min
-1
) 0.3 0.3 0.6 
Simulated acetate conversion in feed (%) 0 50 30 
Water flux to overflow reservoir (mL min
-1
) 0.031 0.028 0.028 
Steady state product TAN (M) 2.0 3.2 4.9 
Steady state product TCC (M) 1.0 2.0 2.8 
Steady state pH middle chamber 8.6 8.6 8.5 
Steady state pH anode chamber 7.3 6.6 6.6 
Steady state pH cathode chamber 9.1 9.0 8.9 
TAN recovery % 43.0 56.8 46.3 
TCC recovery % 52.9 47.9 38.5 
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Figure 4.5: Steady-state fluxes across the anion exchange membrane (AEM) and cation 
exchange membrane (CEM) into the middle chamber for Run 1, and two examples of 
suggested operating conditions. The positive direction indicates fluxes into the middle 
chamber.  
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4.3.7 Model limitations 
Mechanism of water flux 
The model of water fluxes here is based on constant water flux equal to the total volume 
measured at the end of the experiments. Pronk et al. (2006) proposes a mechanistic 
relationship which accounts for the electro-osmosis due to hydrated radii of migrating ions 
and osmosis due to the concentration gradient across the membrane. This suggests that the 
ionic transport rates and membrane concentration gradient should be mechanistically linked to 
the water flux. Future work should experimentally record the overflow volume with time so 
that the model of water flux can incorporate a mechanistic relationship of osmotic and 
electroosmotic water fluxes as proposed by Pronk et al. (2006).  
Activity correction 
In dilute wastewaters, ions are physically far away and impose less chemical influence on 
each other than in concentrated solutions where the chemical interactions become more 
significant (Solon et al. 2015). The middle chamber here involves a particularly high strength 
solution with an ionic strength upwards of 1.8 M. The Davies activity correction, used in the 
speciation code from Flores-Alsina et al. (2015) only has validity up to 0.5 M (Tait et al. 
2012). While this covers most domestic and industrial wastewaters, very high ionic strength 
solutions, such as seen here, require more complex activity corrections, such as Pitzer or 
specific ion interaction (SIT) theory (see supplementary information 1 for more information). 
These alternative corrections include additional species specific parameters (Zemaitis et al. 
1986), making it difficult to incorporate this into a generalised model. This is made more 
complex in urine with many components, some of which may not have fundamental 
measurements needed for the activity model. It is recommended that future model 
development works towards a generalised physico-chemical model for wastewaters with ionic 
strengths higher than 0.5 M. 
4.4 Conclusion 
Current density and feed flow rate have the most important impact on the steady-state 
concentrations of ammonium and bicarbonate in the concentrate. In all circumstances the 
maximum concentrate concentrations were limited by back diffusion of ions from the 
concentrate to the electrolytes and current leakage due to a depletion of buffer capacity 
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(bicarbonate availability) of the electrolytes. General suggestions for achieving high 
concentrate concentrations include using: a) sufficient feed flow rate that the bicarbonate 
buffer capacity is not depleted; b) high current density (noting there is a maximum efficient 
current density depending on the configuration); c) urine feed high in ammonium and 
carbonate, with minimal concentrations of other salts or dilution; and d) ion exchange 
membranes with high resistance to water fluxes and back diffusion of ions. Optimising this 
specific configuration by decreasing membrane water flux by 10%, increasing current density 
to 90 A m
-2
, doubling the flow rate, and including conversion of 30% feed acetate to 
carbonate based on the stoichiometric relationship of the bioanode function results in a 250% 
increase in aqueous concentrations of ammonium and carbonate. These values should not be 
extrapolated directly into alternative reactor sizes or configurations, but the mechanisms 
described in this chapter can be used to inform decision making when designing larger scale 
systems. 
 
Supplementary information: Modelling codes used in this chapter may be downloaded 
from: http://dx.doi.org/10.1016/j.watres.2017.07.043.    
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Chapter 5 – Outcomes, discussion & recommendations 
5.0 Chapter 5 overview 
This thesis developed an electrodialytic model capable of describing more complex, dynamic, 
and synergistic electrochemical and physico-chemical mechanisms than previously available. 
The model was used to describe limiting energetic conditions, membrane scaling and product 
concentrations in electro-concentration processes using synthetic wastewater, real centrate 
and synthetic source separated urine. This chapter summarises the main conclusions, 
highlights the significance and implications of the findings, and recommends direction for 
future study. 
5.1 Research outcomes 
5.1.1 Non-ideal mechanistic modelling of electrodialysis 
 Developed a validated model of ED with multi-ion solutions, simultaneously 
evaluating pH, ionic speciation, total cell potential and migratory, diffusive and 
convective ion transport. 
 Evaluating pH using a charge balance has been shown to effectively model pH where 
the electrode reactions are water splitting; and pH was shown to be a more refined 
indicator for parameter estimation than concentration.  
 Membrane resistance is a major contributor to the total cell potential (between 35 and 
70% of the total cell potential was due to the membranes), therefore wider cell widths 
used in wastewater applications of ED are not a limiting feature. 
5.1.2 Modelling electrodialysis with real centrate including scaling 
 Developed and experimentally validated a model of ED using real centrate, 
simultaneously evaluating pH, migratory, diffusive and convective ion transport, as 
well as solid and gas phase transitions. 
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 Struvite crystallisation pre-treatment and pH control at pH 5 reduced the amount of 
mineral scale observed during electro-concentration of real centrate. 
 Mechanisms behind scale control were the removal of a limiting struvite component 
(phosphate) through the struvite crystallization pre-treatment and stripping of the 
carbonate component as CO2(g) which prevented the formation of CCM. 
  Preliminary evidence to suggest struvite pre-treatment reduced the amount of organic 
fouling in the system. 
5.1.3 Modelling ammonium bicarbonate electro-concentration from synthetic urine 
 Current density and feed composition strongly influence equilibrium concentrations of 
ammonium and bicarbonate in the concentrate.  
 Maximum product concentrations were limited by back diffusion of ions from the 
concentrate to the electrolytes and current leakage due to a depletion of buffer capacity 
of the electrolytes, and these fundamental findings are also applicable for ED using 
centrate.  
 Electron supply and bio-anodic buffer limitations in the final biological system 
regarding conversion of acetate to carbonate will be a significant limitation in process 
performance. 
5.2 Significance and implications of research findings 
5.2.1 Modelling 
This thesis demonstrates, for the first time, evaluation of solid, liquid and gas phase mass 
transport phenomena of ED in a dynamic, integrated model involving a complex solution of 
many ionic components. The integration of state of the art wastewater physico-chemistry 
models with the ED model enables the study of current proportioning between different ions, 
current leakage and the impact of pH change, as well as solid phase membrane scaling. This is 
an extension in fundamental knowledge as well as coding development. It is the first time 
mass transport of 79 species of ion may be simultaneously included. Such generality means 
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this model can be utilised on a variety of waste feed streams. This approach can be useful for 
troubleshooting a variety of process issues, such as membrane scaling as well as appropriate 
hydraulic retention times relating to reactor sizing and operation. This work has demonstrated 
the concept of a charge balance approach using protons/hydroxide ions as a closure variable 
as an effective way to describe mass transport and pH across a whole ED reactor, and allows 
representation of complex phenonema, including migration, charge leakage (through implicit 
inclusion of protons and hydroxide ions), and terminal electrode reactions.  
5.2.2 Application 
This thesis demonstrates, for the first time, electro-concentration of nutrients from centrate at 
the laboratory scale. Concentration of ammonium and potassium by 5 times was achieved 
with real centrate, with results in Chapter 4 indicating that optimisation can increase this 
factor further. Two reactors in series could also result in higher concentrations as the product 
concentration is a function of feed concentration. Inorganic membrane scale on the 
concentrate side of the CEM and organic membrane fouling on the diluate side of the AEM 
occur when using real centrate. Inorganic membrane scale can be significantly reduced by 
limiting the concentration of just one species which forms the problematic precipitant, e.g. 
phosphate removal through struvite precipitation or carbonate removal through carbon 
dioxide stripping. 
Applying the model to ammonium bicarbonate electro-concentration from urine produced 
several generalisable results regarding electro-concentration processes. Mechanisms which 
limit maximum concentrate concentrations are back diffusion, current leakage, and water 
fluxes through the membranes. In addition, resistance of the membranes to back diffusion also 
impacts the maximum concentrations. This thesis illustrates the impact of current leakage on 
maximum concentrations in three chamber electro-concentration, and the importance of 
sufficient buffer capacity in the electrolyte solutions.  
5.2.3 Overall process evaluation  
ED is often evaluated by determining a transport number (t) to describe the fraction of current 
passed by a single ion, or current efficiency (η) to describe the fraction of current passed by 
target ions (Shaffer & Mintz 1966; Strathmann 2010). These are useful parameters for 
comparing overall desalination rates between simple processes. However, they do not account 
for the transport of different species of the same component or separate the migratory and 
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back diffusive fluxes. Their use is limited in electro-concentration processes with waste 
solutions because of the complex speciation, as well as significant back-diffusion and water 
fluxes which occur. For example, without a dynamic acid-base dissociation model, a total 
carbonate transport number may be determined only by assuming a static fraction of 
speciation into H2CO3, HCO3
-
 or CO3
2-
 (and any ion pairing, e.g. NaHCO3). In Chapter 4 the 
relative transport of different carbonate species is dynamically demonstrated. In addition, 
current efficiency can be more accurately determined using these methods by evaluating the 
flux of protons or hydroxide ions through the membranes, representing main cause of current 
inefficiency in the process. For electro-concentration processes back diffusion can also 
become significant. Mechanisms common to electro-concentration (and in some cases, 
desalination) mean that traditional process comparison tools, like the transport number, do not 
provide a complete or useful description of current proportioning and system efficiency. 
Using the model, total electrical power consumption can be broken down into the different 
cell areas (e.g. bulk solution, membranes and DBLs), enabling process evaluation at a finer 
level. In Chapter 2, Figure 2.4, the modelled total cell potential and cell potential 
corresponding to different cell areas was shown, demonstrating that despite relatively large 
cell widths, the membranes had more resistance of the cell compared with the bulk solution. 
The model developed here could be used for energy process optimisation prior to pilot or full-
scale. The power consumed per weight of concentrated nutrients could be used as the 
response variable while simulating factors such as hydraulic retention time and current 
density. 
5.3 Recommendations for future study 
5.3.1 Organics in centrate 
Fouling did not appear to significantly impact the transport of inorganic ions through the 
membrane during short-term experiments, based on the comparison of the experimental 
inorganic ion concentration profiles and the modelled ones. Organic fouling could be included 
into the model by adding weakly ionic complex organics as additional state(s), as well as 
adding mechanisms of adsorption to the IEM and the additional resistance imposed on other 
ions due to the fouling layer. However, this is a substantial extension and existing theory is 
lacking regarding the dissociation constants and diffusion coefficients for organic species, as 
well as understanding of organic and inorganic ion interactions. 
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The presence of organics in centrate may have two clear implications: Increasing the rate of 
fouling of the membranes; and if charged, the can lower the current efficiency of target ions 
as they will proportionally transport some of the charge as they migrate. Zhang et al. (2011a) 
and Zhang et al. (2011b) found that small charged anionic organic compounds have: a higher 
rate of transport through AEMs; a lower rate of fouling than larger anionic charged organic 
compounds; are more difficult to be separated from inorganic anions. From their work on 
anionic separation Zhang et al. (2012b) recommended that further work is necessary to 
successfully fractionate different inorganic and/or organic ions or small charged particles on 
the basis of size, hydrophilicity or other characteristics. In order to apply these findings to 
centrate, experimental evaluation of the organic composition should be conducted. This could 
be done using high performance liquid chromatography (HPLC) and size exclusion 
chromatography (SEC) to determine the composition dissolved organic carbon (DOC) as a 
function of molecular weight (Her et al. 2003). Fluorescence excitation–emission matrix 
(EEM) spectroscopy can be used to select an appropriate range of wavelengths to test, and can 
be coupled with total organic carbon (TOC) to estimate quantities (Her et al. 2003). SEC 
provides the relative sizes of what humic acids are present, and will indicate if the organics 
are very small there might be a high risk of membrane poisoning, and if very large, are likely 
to foul the surface of the membrane. Organic fouling suppression in desalination often utilises 
ED with polarity reversal at regular intervals (EDR) (Mikhaylin & Bazinet 2016). It is 
recommended that pilot or longer-term laboratory scale experiments have the polarity 
regularly reversed to limit fouling accumulation. 
5.3.2 Persistent chemicals in centrate 
On the topic of nutrient recovery from wastewater, an important consideration is the fate of 
persistent organic chemicals in the water cycle. Current literature is targeted on analysis and 
treatment options relating to natural waterbodies, drinking water recycling, conventional 
wastewater treatment and land applications of biosolids (Clarke & Smith 2011; Fent, Weston 
& Caminada 2006; Hernando et al. 2006; Joss et al. 2006). A study should be conducted prior 
to application of this product for land use to determine whether persistent chemicals, 
pharmaceuticals or micropollutants are present in the centrate stream, or concentrated in the 
product. The mechanisms governing partitioning of these pollutants between centrate and 
biosolids would be of interest. Pronk, Biebow and Boller (2006) provided preliminary 
evidence of the use of IEMs to prevent micropollutants from entering the concentrate during 
ED of urine. Therefore, if micropollutants were determined to be present in centrate, further 
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studies should follow Pronk, Biebow and Boller (2006) to expand upon and determine the 
generality of these findings. 
5.3.3 Generalised speciation models for higher ionic strength activity corrections  
Modelling physico-chemistry is becoming an essential requirement for effective overall 
wastewater treatment modelling. This is due to the importance of pH in determining 
biological activity, its effect on mass transfer, and in particular, the need to effectively 
describe the phosphorus partitioning and the sulfur cycles in anaerobic digestion.  Substantial 
work has been done to develop physico-chemical models that can be readily applied to 
wastewater treatment (Solon et al., 2015, Lizarralde et al., 2015, Flores-Alsina et al., 2015, 
Kazadi Mbamba et al., 2015a,b). However, development of new processes and technologies, 
and the need to include these in simulation models continues to challenge existing physico-
chemical models as seen in Chapter 4. Chapter 4 clearly demonstrates the limitations of using 
a Davies activity correction for ionic strength. To a lesser extent (due to lower product 
concentrations) the Davies error at ionic strength greater than 0.5 M may also impact the 
studies from Chapters 2 and 3.  Another example of high strength wastewater treatment is the 
SANI wastewater treatment system, due to the high salinity and sulfate concentrations of the 
influent wastewater (Wang et al., 2009).  
Higher concentrations cause deviation in thermodynamic equilibrium from ideal reference 
conditions, and this impacts aqueous phase speciation. This type of non-ideality is corrected 
for by including ion pairing and ionic activity effects. Different correlations exist in the 
literature, varying in complexity (the number of parameters), and each having a specific range 
of validity depending on ionic strength (Tait et al., 2012).  For example, the Davies equation 
used in this thesis is valid over ionic strengths of 0-0.5 M. This is appropriate for most weak 
industrial and normal domestic wastewaters (Tait et al., 2012). However, saline waters, such 
as strong industrial wastewater, sea water derived wastewater, or concentrates from recovery 
processes, such as studied here, require more complex activity corrections with even more 
species-specific parameters (Zemaitis et al., 1986). The main limitation of using higher 
strength activity corrections is that the necessary parameters may not be available for all the 
relevant ionic species. It is possible to use combinations of activity correlations, for example, 
using Davies correlations for some components, but Pitzer correlations for other components. 
It is recommended this combined approach be incorporated into the speciation model used 
here, using Pitzer for the highest concentration ions in the feed stream (ammonium, carbonate, 
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sodium, chloride). This modelling is challenging both from a mechanistic point of view, 
needing mathematically and structurally complex models, as well as from a numerical point 
of view, needing to incorporate the additional parameters. 
However, what was also observed in Chapter 4 was that using an ideal model (still accounting 
for ion-pairing) was not statistically different to a model using a Davies activity correction. 
This can be mechanistically explained for two reasons. The model bases migration rate on the 
activity of the species in the diluate (in this case, electrolyte) side of the membrane. The ionic 
strength of the electrolytes were much closer to ideal than the concentrate chamber where the 
error occurred, and are therefore less impacted by the ionic strength correction. Secondly, 
back diffusion, a major limiting mechanism, is driven by a concentration gradient, not an 
activity related gradient. In the aqueous solutions used Chapter 4, activity correction was not 
found to be significant in studying the limitations to achieving high concentrations. However, 
if ammonium bicarbonate (ABC), or any other precipitation were to be studied such as in 
Chapter 3, determination of accurate ionic activity would be essential. 
5.3.4 Membrane modelling 
Some assumptions were made surrounding the mass transport across the IEMs. While these 
assumptions are justified within the context the current research objectives, some warrant 
further discussion in this chapter. Some fundamental assumptions of the membrane transport 
and Nernst-Planck methods described in Chapter 2 must be discussed to fully place this work 
in context of the current literature. While these assumptions are valid in this thesis, they must 
be understood in order to build upon this work.  
Firstly, charge proportioning through the membrane proportions is based on the ionic activity, 
charge and Ficks diffusion coefficient of the species. The work presented in this thesis uses a 
factor estimating the resistance of the membrane, which is used to calculate the diffusion of 
ions through the membrane. Evidence in this thesis suggests membrane resistance factors may 
change between different membrane types, and that manufacturer specifications are 
inadequate to fully describe transport properties in nutrient recovery applications. Future work 
should study this parameter for different brands of IEMs, in different diluate and concentrate 
solutions, because energy consumption, as well as product concentrations may be affected by 
it. A suggestion for future work from this thesis is developing membranes with higher 
resistance to back diffusion. This is contradictory to current membrane development aiming 
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for overall lower resistance to limit energy consumption (Strathmann 2010). The resulting 
increase in energy consumption for membranes with more resistance to back diffusion will 
have to be practically evaluated in terms of their increase in product quality. 
Secondly, the Nernst-Planck equation has some associated assumptions. The Nernst-Planck 
equation can be considered the simplest irreversible thermodynamics form of modelling 
membrane transport, and in this thesis the membrane itself is not considered a state domain 
(Nikonenko et al. 2002). Onsager, Kedem-Katchalsky, Stefan-Maxwell and Spiegler 
equations are more complex irreversible thermodynamics membrane transport models, but 
they use additional transport coefficients, often empirical or experimentally fitted coefficients 
(Nikonenko et al. 2002), making their use in the context of the generalisable 79 species model 
developed here difficult. However, these additional transport parameters can include 
important coefficients, such as membrane conductivity, mobility of ions in the IEM, and 
electroosmotic water flux, meaning that in the context of membrane development these fitted 
parameters may be of interest. As described in Section 3.2.2 in Chapter 3, a constant water 
flux was assumed based on the total amount of overflow reservoir volume measured during 
the experiments. A mechanistic description of water fluxes should be incorporated to better 
study the relationship between ionic and water fluxes, and particularly, how this varies with 
current leakage and transport of ions which hydrate with many water molecules. Structure-
kinetic models of within the membrane, such as a capillary space charge model, assume two 
phases, and aqueous phase, and the solid membrane polymer (Nikonenko et al. 2002). This 
has the advantage of being able to study phenomena inside the membrane, but relies on 
further additional parameters including structural, thermodynamic and kinetic parameters 
which are again difficult to theoretically determine without multiple parameter estimation, 
made more difficult by multi-component solutions like centrate or urine. When ED is 
operating above limiting current, local electro-neutrality and the passing of charge is 
maintained through mechanisms such as electro-convection, rather than deprotonation, in the 
DBL region close to and at the membrane surface (Nikonenko et al. 2014). Current literature 
suggests use of the Nernst-Planck-Poisson equation to model these phenomena. The Poisson 
equation may be used where study of ion transport in the solution/membrane interfacial region 
is of interest (Urtenov et al. 2007). At operation using over-limiting current, a dominant 
theory of ion transport is that the DBL thickness decreases due to the development of a space-
charge region, requiring fluid flow to be coupled with ion transport which is often modelled 
by the Navier-Stokes equation (Urtenov et al. 2007).  
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The dominant theory of ion transport at over-limiting current describes charge transport being 
caused by electroconvection (Nikonenko et al. 2014). The LEN assumption is no longer valid 
in the model presented in this thesis when major ions in the DBL region reduce to zero and 
potential tends towards infinity in this spatial area.  In the methods of this thesis, protons and 
hydroxide ions dissociate from solution to maintain electroneutrality, maintaining the passing 
of charge at low major ion concentrations using protons and hydroxide ions, which is an 
accepted phenomena below and approaching limiting current (Nikonenko et al. 2014). There 
is, however, a lack of literature discussing the extent of valid use of a of a charge balance 
approach such as shown in this thesis, and the extent using it to solve LEN close to an over 
limiting current, as 5% of charge at over-limiting current is shown to be passed by water 
dissociation (Frilette 1957). See section 5.3.7 for further discussion. 
5.3.5 Membrane development 
For electro-concentration processes it is recommended to use membranes which minimise 
water flux (Lu et al. 2011; Rottiers et al. 2014). Also, a less studied membrane attributes are 
membrane resistance to back diffusion and resistance to uncharged species (e.g. NH3(aq), 
H2CO3(aq)) . Whether this may be modelled as an overall increase in membrane resistance, or 
is an attribute with particular technical characteristics is unknown. For both applications 
considered in this thesis, limiting back diffusion of ammonia would be useful. However, 
additional resistance may incur additional energy consumption. Further study of energy 
consumption and product quality optimisation is recommended as part of determining an 
optimum membrane. 
5.3.6 Other electrochemical applications 
There are many opportunities to use the models developed here to study other electrochemical 
membrane systems. Immediate initiatives are directed towards developed physico-
electrochemical models of elemental sulphur reduction for treating anaerobic digestion liquid 
(watintech 2016) and acid-mine drainage (Pozo et al. 2016). Electrochemical acid-mine 
drainage remediation is another key example where current models are inadequate due to the 
complex matrix, and would further challenge thc concepts applied here due to the presence of 
sulfates and heavy metals, which form complex pairing chemistry.  
Existing literature provides examples of potential uses to study scaling control. Casademont, 
Pourcelly and Bazinet (2007) showed that the scale from dairy processing ED resulted in 
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calcite scale when magnesium was in the feed, but portlandite scale when magnesium was 
excluded from the feed. This could be simply explained using physico-chemistry due of ion 
pairing and pH effects. When including magnesium in the feed magnesium hydroxide 
preferentially forms and calcite becomes the supersaturated form of calcium scale. Actually 
modelling this system would provide further justification for this simple interpretation of their 
experimental results. In addition, Zhang et al. (2012a) studied ED of reverse osmosis 
concentrate high in calcium, magnesium and carbonate. The feed was decarbonated at pH 6 to 
prevent scale formation. Use of a model could evaluate optimum feed decarbonation and 
process operation in terms of process efficiency and pre-treatment cost. 
5.3.7 Over-limiting current 
While this thesis considered applications operating below limiting current, in reviewing the 
over-limiting current literature, these methods raised some interesting points. Current 
literature suggests that ED operating at over-limiting current approximately 5% of the total 
current passed at over-limiting conditions can be attributed to proton or hydroxide ions 
generated through water splitting reactions at the solution/membrane interface (Nikonenko et 
al 2014). The use of the term water splitting to describe this phenomenon is reused throughout 
the literature. I would identify that the first use of the term water splitting taught in 
electrochemistry often refers to a redox reaction which requires the transfer of an electron as 
part of the reaction, for example at the electrode surface during water electrolysis. In over-
limiting conditions, there is no available electron donor or acceptor for the water splitting 
reactions at the solution/membrane interface, and instead, water is dissociating to provide ions 
to enable migration (due to a lack of metal ions or over-concentration of counter ions). 
Nikonenko et al. (2015) states “H+ and OH-, the products of the water splitting reaction”. The 
use of aqueous chemistry principles in the mechanistic description of over-limiting current 
would therefore term this water dissociation rather than water splitting. Specifically, due to 
the high cation concentrations on the cathode side of a CEM (or depletion on the anode side), 
the over-limiting current is enabled by transfer of protons and hydroxides to cathode and 
anode side respectively (the opposite happens on an AEM). A similar phenomenon was 
observed in Chapter 4 when applying current density above 90 A m
-2
 in the UGold system 
when the bicarbonate buffer was exhausted. The extreme pH enables further transport of H
+
 
or OH
-
, which preferentially transport through the membrane much faster than major ions.  
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Another interesting point is to question how far the use of protons and hydroxides as closure 
variables can be used to explain current leakage at over-limiting current. Note that a charge 
balance will not completely describe over-limiting current, as current leakage is currently 
estimated to only transport a small fraction (5%) of total current at over-limiting current as 
stated above (Nikonenko et al. 2014). A charge balance approach as described here is limited 
in validity by the interactions between the major ions, hydroxide ions and the charged 
functional groups inside the membrane itself, which further complicate the scenario. The key 
question is how far protons and hydroxides can be used as implicit variables in the description 
of over-limiting current in ED.  The equations should be able to describe the basic 
phenomena, but non-ideality may substantially complicate the application of this.  
5.4 Concluding statement 
This thesis has extended the ability of electrochemical models to quantify competitive current 
transport, current leakage and solids formation. It has also demonstrated the value of 
modelling physico-chemical mechanisms regarding pH, ionic strength, ion-pairing and acid 
base dissociation to troubleshoot and understand emergent electrochemical technologies. 
Without such a mathematical model, it is impossible in many cases to determine a priori the 
outcome of a single operational or process alteration due to the multiple simultaneous 
mechanisms governing mass transport. This work has also experimentally demonstrated, for 
the first time, nutrient electro-concentration of ammonium and potassium from real centrate 
and described operational strategies for limiting scale formation. The modelling approach 
developed for centrate feed has also provided insight in to high concentration electro-
concentration of urine. This study, discerned generalised limiting mechanisms to maximising 
product concentrations including back diffusion, buffer loading and trans-membrane water 
fluxes. From the modelling aspect of this thesis I hope that aspects of my approach will be 
adopted by a broader community of electrochemists. From the experimental outcomes, the 
work done in this thesis will aid the pilot and full-scale studies of ED using centrate and bio-
electro-concentration of urine. 
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Appendix A: Model inputs 
Table A1: Model parameters. 
Symbol Definition  Value Units Notes/References 
Am 
Cross sectional area of 
the membrane and 
chamber 
0.0032 m
2
 Measured 
wCh 
Width of the chambers 
(total space between 
membranes) 
0.0117 m Measured 
wDBL 
Width of the diffusion 
boundary layers 
301 x 10
-5
 m 
Optimum value from F test 
analysis. 
wAEM Width of the AEM 4.5 x 10
-4 
m 
Membranes International 
Inc. (2014a) 
wCEM Width of the CEM 5 x 10
-4
 m 
Membranes International 
Inc. (2014b) 
Vres 
Volumes of the 
reservoirs 
0.4525  L  
R Gas constant 8.3145 J mol
-1
 K
-1 
 
F Faraday’s constant 96485 C mol-1  
T Temperature 298 K 
Assume 298 K is constant 
throughout simulation. 
I Current density 31.25 A m
-2
  
Fx 
Flow rate of solution 
through chambers 
1.33 x 10
-6 
m
3
 s
-1 
 
PC CEM permselectivity 0.94  
Membranes International 
Inc. (2014a) 
PA AEM permselectivity 0.90  
Membranes International 
Inc. (2014b) 
XC 
Total charge capacity of 
the CEM 
2.3 meq m
-3
 
Membranes International 
Inc. (2014b) 
XA 
Total charge capacity of 
the AEM 
1.6 meq m
-3
 
Membranes International 
Inc. (2014a) 
  
108 
Table A2: Diffusion coefficients. 
Symbol Definition  Value Units Notes/References 
DK 
Diffusion coefficient of 
potassium ions 
1.957 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DSO4 
Diffusion coefficient of 
sulfate ions 
1.065 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DH 
Diffusion coefficient of 
hydrogen ions (protons) 
9.311 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DOH 
Diffusion coefficient of 
hydroxide ions 
5.273 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DCa 
Diffusion coefficient of 
calcium ions 
0.790 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DNa 
Diffusion coefficient of 
sodium ions 
1.334 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DNO3 
Diffusion coefficient of 
nitrate ions 
1.902 x 10
-9 
m
2
 s
-1 
Scott (2012) 
DKOH 
Diffusion coefficient of 
potassium hydroxide 
1.61 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DNaOH 
Diffusion coefficient of 
sodium hydroxide 
2.16 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DCaSO4 
Diffusion coefficient of 
calcium sulfate 
1.30 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DNaNO3 
Diffusion coefficient of 
sodium nitrate 
1.53 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DKSO4 
Diffusion coefficient of 
potassium sulfate ions 
1.03 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DNaSO4 
Diffusion coefficient of 
sodium sulfate ions 
1.17 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DHSO4 
Diffusion coefficient of 
hydrogen sulfate ions 
1.34 x 10
-9
 m
2
 s
-1 Calculated from method 
in Sproull (2008) 
DCaOH 
Diffusion coefficient of 
calcium hydroxide ions 
2.08 x 10
-9
 m
2
 s
-1
 
Calculated from method 
in Sproull (2008) 
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Appendix B: Derivation of electrode potential losses. 
Reversible electrode potential 
Erev is the reversible electrode potential given by Equation B1, which reflects the 
thermodynamics of the chemical reactions occurring at the electrodes (Shen et al. 2011). 
anorevcatrevrev EEE ,,   (B1) 
The electrodes used in the process are a stainless steel cathode and a platinum-iridium oxide 
coated titanium anode. Hydrogen evolution will occur at the cathode and oxygen evolution 
will occur at the anode as shown in Equations B2 and B3, respectively (Shen et al. 2011, 
Laoun et al. 2008). E0 values are given for a pH of 7.  
2H 22 
 eH , E0,cat = 0 V (B2) 
eOHOH 2
2
1
2 22 
 , E0,ano = 1.23 V (B3) 
The reversible potential of each electrode is determined by the Nernst equation (Equation 
B4). It is assumed that the partial pressure of evolved hydrogen and oxygen are constantly 
0.21 atm. 
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Activation electrode potential 
Eact is the activation electrode potential of the electrodes. The activation electrode potential 
reflects the kinetic considerations of the chemical reactions occurring at the electrodes. The 
total activation potential is summative of the anode activation potential and the cathode 
activation potential as seen in Equation B5 (Noren & Hoffman 2005). The separate electrode 
activation potentials are calculated from the Butler-Volmer equations for the anode and 
cathode, Equation B6 and B7, respectively. 
catactanoacttotalact VVV ,,,   (B5) 
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(B7) 
According to Noren and Hoffman
 
(2005) no common simplifications of the Butler-Volmer 
equation are applicable to this system. Therefore, the full equation is required and a numeric 
solver is required to determine the activation overpotential.  
The exchange current densities (i0) and charge transfer coefficients (α) represent the key 
parameters which affect the electrode kinetics and the activation electrode potential. In the 
present thesis, these were determined experimentally using a Tafel plot with the method 
described in Bard and Faulkner (Bard & Faulkner 2001). From the experiments, ΔVact,a and 
ΔVact,c were estimated to be 0.08 V and 0.02 V, respectively, resulting in the total estimated 
activation overpotential of 0.1 V. Although this estimation does not take into account the 
Ohmic losses, a sensitivity analysis showed that the activation overpotential contributes 
minimally to the observed total cell potential (which varies between 15 to 20 V). The 
sensitivity analysis was done varying the exchange current density terms by 2 orders of 
magnitude and the charge transfer coefficient for the anode between 0.87 and 0.99. The 
variation in the total activation overpotential was between 0.005 V and 0.20 V. Thus, the 
estimate of 0.1 V for activation overpotential was assumed to be valid throughout the rest of 
the analysis. 
Concentration polarisation 
Econc is the potential drop due to the effect of concentration polarization on the electrode 
surface. Concentration polarization is the phenomenon by which a concentration gradient 
forms in the solution at the electrode surface, due to the difference between the rate of 
chemical reaction and the rate of ion migration to or from the electrode surface. This is 
assumed to be dependent on the reacting species at the electrodes and is approximated by 
Equations B8 and B9. 











H
H
i
catconc
a
a
Fz
RT
E
,0
, ln  (B8) 
111 

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where a0 is the activity of the ion which takes place in the electrode reaction in the boundary 
layer adjacent to the electrode and a is the concentration of the same ion in the bulk solution. 
The activities used in this equation are the key species involved in the electrode reactions: 
namely hydrogen ions for the cathode and hydroxide ions at the anode. 
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Appendix C: Sensitivity analysis of the fraction reduction in membrane 
diffusion coefficient 
A sensitivity analysis was performed on the potassium and calcium simulation to show the 
effect of varying the fraction reduction of counter-ions in the membranes. For the results 
presented in Chapter 2this was 0.1 times the normal diffusion coefficient. In the results below 
the counter-ions reduced by 0.05 times (representing higher resistance to diffusion) and 0.2 
times (representing lower resistance to diffusion). These results, as expected, do not affect the 
modelled concentration and pH as the fraction of coefficient reduction will cancel out in 
current proportioning method. However the varying parameter significantly affects the total 
cell potential as this is the mechanism of how resistance of the membrane is incorporated into 
the model. 
 
Figure C1: Concentration, pH and total cell potential results for the counter-ion membrane 
diffusion coefficient being 0.2 times the normal diffusion coefficient. 
 
Figure C2: Concentration, pH and total cell potential results for the counter-ion membrane 
diffusion coefficient being 0.05 times the normal diffusion coefficient.  
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Appendix D: Parameter estimation for the factor increase of AEM 
diffusion coefficient for nitrate 
The same statistical method used to determine the DBL thickness was performed again to 
determine the best fit increase in AEM diffusion coefficient for nitrate. 8 equidistant 
experimental data points which represented different AEM diffusion coefficient values for 
nitrate were used for this fitting. The simulation for the calcium only experiment during this 
analysis was only run until 5000 s to prevent effects of premature feed depletion on total cell 
potential. Figure D1 shows the results for the parameter sweep indicating that 1 is the 
optimum value (i.e. the diffusion of nitrate through the AEM is the same as the value as in 
water). However the confidence in this value is broad with the lower 95% confidence interval 
lying between a reduction factor of 0.3 and 0.4. 
 
Figure D1: Parameter estimation for the increase in diffusion coefficient of nitrate in the 
AEM. 
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Appendix E: List of model species 
Table E1: List of model species and diffusion coefficients. 
Species 
(charge) 
Diffusion 
coefficient 
(m
2
 s
-1
) 
Reference Species (charge) 
Diffusion 
coefficient 
(m
2
 s
-1
) 
Reference 
H (+) 9.311×10
-9
 Scott, 2012 K2PO4 (-1) 0.970×10
-9
 Estimated 
Na (+) 1.334×10
-9
 Scott, 2012 KAc(aq) (0) 1.261×10
-9
 Estimated 
K (+) 1.957×10
-9
 Scott, 2012 KCl(aq) (0) 1.477×10
-9
 Estimated 
NH4 (+) 1.957×10
-9
 Scott, 2012 KH2PO4(aq) (0) 1.172×10
-9
 Estimated 
Cl (-) 2.032×10
-9
 Scott, 2012 KHPO4 (1-) 1.198×10
-9
 Estimated 
Ac (-) 1.089×10
-9
 Scott, 2012 KOH(aq) (0) 1.697×10
-9
 Estimated 
Pr (-) 0.953×10
-9
 Scott, 2012 KPO4 (2-) 1.374×10
-9
 Estimated 
Ca (2+) 0.792×10
-9
  Scott, 2012 KSO4 (1-) 1.164×10
-9
 Estimated 
Mg (2+) 0.706×10
-9
 Scott, 2012 MgN2H6 (2+) 1.771×10
-9
 Estimated 
CO3 (2-) 2.586×10
-9
  Estimated Mg2CO3 (2+) 1.699×10
-9
 Estimated 
SO4 (2-) 1.065×10
-9
 Scott, 2012 MgAc (1+) 1.625×10
-9
 Estimated 
PO4 (3-) 0.824×10
-9
 Scott, 2012 MgCl (1+)  2.113×10
-9
 Estimated 
Al (3+) 0.541×10
-9
 Scott, 2012 MgCO3(aq) (0) 2.022×10
-9
 Estimated 
Fe (2+) 0.719×10
-9
 Scott, 2012 MgHCO3 (1+) 1.921×10
-9
 Estimated 
Fe (3+) 0.604×10
-9
 Scott, 2012 MgHPO4(aq) (0) 1.505×10
-9
 Estimated 
HS (-) 1.731×10
-9
 Scott, 2012 MgOH (1+) 2.736×10
-9
 Estimated 
Bu (-) 0.868×10
-9
 Scott, 2012 MgPO4 (1-) 1.557×10
-9
 Estimated 
Va (-) 0.871×10
-9
 Scott, 2012 MgSO4(aq) (0) 1.444×10
-9
 Estimated 
NO3 (-) 1.902×10
-9
 Scott, 2012 Na2HPO4(aq) (0) 1.184×10
-9
 Estimated 
NO2 (-) 1.912×10
-9
 Scott, 2012 Na2PO4 (1-)  1.211×10
-9
 Estimated 
CaN2H6 (2+) 1.370×10
-9
 Estimated NaAc(aq) (0) 1.484×10
-9
 Estimated 
CaAc (+) 1.455×10
-9
  Estimated NaCl(aq) (0) 1.846×10
-9
 Estimated 
CaCl (+) 1.795×10
-9
 Estimated NaCO3 (1-) 1.782×10
-9
 Estimated 
CaH2PO4 (1+) 1.328×10
-9
 Estimated NaH2PO4(aq) (0) 1.351×10
-9
 Estimated 
CaCO3(aq) (0) 1.735×10
-9
  Estimated NaHCO3(aq) (0) 1.709×10
-9
 Estimated 
CaHCO3 (1+) 1.667×10
-9
  Estimated NaHPO4 (1-) 1.389×10
-9
 Estimated 
CaHPO4_aq (0) 1.365×10
-9
  Estimated NaOH(aq) (0) 2.248×10
-9
 Estimated 
CaNH3 (2+) 1.752×10
-9
  Estimated NaPO4 (2-) 1.431×10
-9
 Estimated 
CaOH (1+) 2.162×10
-9
 Estimated NaSO4 (1-) 1.339×10
-9
 Estimated 
CaPO4 (1-) 1.404×10
-9
 Estimated NH3 (0) 2.635×10
-9
 Estimated 
CaSO4(aq) (0) 1.317×10
-9
  Estimated NH4SO4 (1-) 1.278×10
-9
 Estimated 
H2CO3(aq) (0) 1.836×10
-9
  Estimated H2O (0) 3.754×10
-9
 Estimated 
H2PO4 (1-) 0.959×10
-9
  Scott, 2012 S (2-) 2.702×10
-9
 Estimated 
H2S(aq) (0) 2.320×10
-9
  Estimated OH (1-) 5.273×10
-9
 Scott, 2012 
H3PO4 (0) 1.600×10
-9
  Estimated Ca(NO3)2 (0) 1.146×10
-9
 Estimated 
HAc(aq) (0) 1.820×10
-9
  Estimated CaNO3 (1+)   1.524×10
-9
 Estimated 
HCO3 (1-) 1.185×10
-9
 Scott, 2012 HNO3(aq) (0) 1.947×10
-9
 Estimated 
HPO4 (2-) 1.225×10
-9
  Scott, 2012 KNO3(aq)  (0) 1.306×10
-9
 Estimated 
HSO4 (1-) 1.385×10
-9
  Scott, 2012 NaNO3(aq)  (0) 1.557×10
-9
 Estimated 
K2HPO4(aq) (0) 0.955×10
-9
 Estimated    
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Appendix F: Model equations 
For Appendix F the following nomenclature is used: 
C – concentration of each component (mol m-3) 
F – flow rate (m3 s-1, note: Fw1 and Fw2 represent osmotic or electroosmotic flows across the 
inner CEM and AEM, respectively). 
Ja – flux of ionic component across the membrane from the anode side (mol s-1) 
Jc – flux of ionic component across the membrane from the cathode side (mol s-1) 
Rp – precipitation rate of the ionic component (mol m-3 s-1) 
Subscript Dc – the diluate chamber 
Subscript C1c – the concentrate chamber closest to the cathode 
Subscript C2c – the concentrate chamber closest to the anode 
Subscript E1c – the catholyte chamber 
Subscript E2c – the anolyte chamber 
Subscript E1,DBL – diffusion boundary layer in the catholyte chamber 
Subscript E2, DBL – diffusion boundary layer in the anolyte chamber 
Subscript Er – electrolyte reservoir 
Subscript Dr – diluate reservoir 
Subscript Cr – concentrate reservoir 
Subscript Ar – acid reservoir 
V – volume (m3) 
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Diluate chamber  
Step 1: changing volume 
𝑑𝑉𝐷𝑐
𝑑𝑡
= 𝐹2 − 𝐹1 − 𝐹𝑤1 − 𝐹𝑤2 = 0     (F1) 
Step 2: Mass differential 
𝑑𝑉𝐷𝑐𝐶𝐷𝑐
𝑑𝑡
= 𝐹2𝐶2 − 𝐹1𝐶𝐷𝑐 + 𝐽𝑎 − 𝐽𝑐 − 𝑅𝑝,𝐷𝑐𝑉𝐷𝑐        (F2) 
Step 3: General expansion term 
𝑑𝑉𝐶
𝑑𝑡
= 𝐶
𝑑𝑉
𝑑𝑡
+ 𝑉
𝑑𝐶
𝑑𝑡
           (F3)  
Step 4: Substitute step 1 into first RHS term and substitute step 2 into LHS term 
𝑉𝐷𝑐
𝑑𝐶𝐷𝑐
𝑑𝑡
= 𝐹2𝐶2 − 𝐹1𝐶𝐷𝑐 + 𝐽𝑎 − 𝐽𝑐 − 𝑅𝑝,𝐷𝑐𝑉𝐷𝑐 − 𝐹2𝐶𝐷𝑐 + 𝐹1𝐶𝐷𝑐 + 𝐹𝑤1𝐶𝐷𝑐 + 𝐹𝑤2𝐶𝐷𝑐(F4) 
𝑑𝐶𝐷𝑐
𝑑𝑡
=
𝐹2
𝑉𝐷𝑐
(𝐶2 − 𝐶𝐷𝑐) +
𝐹𝑤1
𝑉𝐷𝑐
𝐶𝐷𝑐 +
𝐹𝑤2
𝑉𝐷𝑐
𝐶𝐷𝑐 +
1
𝑉𝐷𝑐
(𝐽𝑎 − 𝐽𝑐) − 𝑅𝑝,𝐷𝑐                    (F5) 
Concentrate 1 chamber 
𝑑𝑉𝐶1𝑐
𝑑𝑡
= 𝐹6 + 𝐹𝑤1 − 𝐹4 = 0     
 
(F6) 
𝑑𝑉𝐶1𝑐𝐶𝐶1𝑐
𝑑𝑡
= 𝐹6𝐶6 − 𝐹4𝐶𝐶1𝑐 + 𝐽𝑎 − 𝐽𝑐 − 𝑅𝑝,𝐶1𝑐𝑉𝐶1𝑐  
 
(F7) 
𝑉𝐶1𝑐
𝑑𝐶𝐶1𝑐
𝑑𝑡
= 𝐹6(𝐶6 − 𝐶𝐶1𝑐) + 𝐹𝑤1(−𝐶𝐶1𝑐) + 𝐽𝑎 − 𝐽𝑐  − 𝑅𝑝,𝐶1𝑐𝑉𝐶1𝑐
 
(F8) 
𝑑𝐶𝐶1𝑐
𝑑𝑡
=
𝐹6
𝑉𝐶1𝑐
(𝐶6 − 𝐶𝐶1𝑐) +
𝐹𝑤1
𝑉𝐶1𝑐
(−𝐶𝐶1𝑐) +
1
𝑉𝐶1𝑐
(𝐽𝑎 − 𝐽𝑐)  − 𝑅𝑝,𝐶1𝑐 (F9) 
Concentrate 2 chamber 
𝑑𝑉𝐶2𝑐
𝑑𝑡
= 𝐹5 + 𝐹𝑤2 − 𝐹3 = 0     
 
(F10) 
𝑑𝑉𝐶2𝑐𝐶𝐶2𝑐
𝑑𝑡
= 𝐹5𝐶5 − 𝐹3𝐶𝐶2𝑐 + 𝐽𝑎 − 𝐽𝑐 − 𝑅𝑝,𝐶2𝑐𝑉𝐶2𝑐  
 
(F11) 
𝑉𝐶2𝑐
𝑑𝐶𝐶2𝑐
𝑑𝑡
= 𝐹5(𝐶5 − 𝐶𝐶2𝑐) + 𝐹𝑤1(−𝐶𝐶2𝑐) + 𝐽𝑎 − 𝐽𝑐  − 𝑅𝑝,𝐶2𝑐𝑉𝐶2𝑐 (F12) 
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𝑑𝐶𝐶2𝑐
𝑑𝑡
=
𝐹5
𝑉𝐶2𝑐
(𝐶5 − 𝐶𝐶2𝑐) +
𝐹𝑤1
𝑉𝐶2𝑐
(−𝐶𝐶2𝑐) +
1
𝑉𝐶2𝑐
(𝐽𝑎 − 𝐽𝑐)  − 𝑅𝑝,𝐶2𝑐 (F13) 
Catholyte chamber 
𝑑𝑉𝐸1𝑐
𝑑𝑡
= 𝐹11 − 𝐹9 = 0       (F14) 
𝑑𝑉𝐸1𝑐𝐶𝐸1𝑐
𝑑𝑡
= 𝐹11𝐶11 − 𝐹9𝐶𝐸1𝑐 + 𝐽𝑎 − 𝐽𝑐    (F15) 
𝑉𝐸1𝑐
𝑑𝐶𝐸1𝑐
𝑑𝑡
= 𝐹11(𝐶11 − 𝐶𝐸1𝑐) + 𝐽𝑎 − 𝐽𝑐     (F16) 
𝑑𝐶𝐸1𝑐
𝑑𝑡
=
𝐹11
𝑉𝐸1𝑐
(𝐶11 − 𝐶𝐸1𝑐) +
1
𝑉𝐸1𝑐
(𝐽𝑎 − 𝐽𝑐)    (F17) 
Anolyte chamber 
𝑑𝑉𝐸2𝑐
𝑑𝑡
= 𝐹10 − 𝐹8 = 0       (F18) 
𝑑𝑉𝐸2𝑐𝐶𝐸2𝑐
𝑑𝑡
= 𝐹10𝐶10 − 𝐹8𝐶𝐸2𝑐 + 𝐽𝑎 − 𝐽𝑐    (F19) 
𝑉𝐸2𝑐
𝑑𝐶𝐸2𝑐
𝑑𝑡
= 𝐹10(𝐶10 − 𝐶𝐸2𝑐) + 𝐽𝑎 − 𝐽𝑐    (F20) 
𝑑𝐶𝐸2𝑐
𝑑𝑡
=
𝐹10
𝑉𝐸2𝑐
(𝐶10 − 𝐶𝐸2𝑐) +
1
𝑉𝐸2𝑐
(𝐽𝑎 − 𝐽𝑐)     (F21) 
Left catholyte DBL 
𝑑𝑉𝐸1,𝐷𝐵𝐿
𝑑𝑡
= 0 − 0 = 0       (F22) 
𝑑𝑉𝐸1,𝐷𝐵𝐿𝐶𝐸1,𝐷𝐵𝐿
𝑑𝑡
= 𝐽𝑎       (F23) 
𝑑𝐶𝐸1,𝐷𝐵𝐿
𝑑𝑡
=
𝐽𝑎
𝑉𝐸1,𝐷𝐵𝐿
       (F24) 
Right anolyte DBL 
𝑑𝑉𝐸2,𝐷𝐵𝐿
𝑑𝑡
= 0 − 0 = 0       (F25) 
𝑑𝑉𝐸2,𝐷𝐵𝐿𝐶𝐸2,𝐷𝐵𝐿
𝑑𝑡
= −𝐽𝑐       (F26) 
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𝑉𝐸2,𝐷𝐵𝐿
𝑑𝐶𝐸2,𝐷𝐵𝐿
𝑑𝑡
= −𝐽𝑐        (F27) 
𝑑𝐶𝐸2,𝐷𝐵𝐿
𝑑𝑡
= −
𝐽𝑐
𝑉𝐸2,𝐷𝐵𝐿
       (F28) 
All other diffusion boundary layers 
𝑑𝑉𝐷𝐵𝐿
𝑑𝑡
= 0 − 0 = 0       (F29) 
𝑑𝑉𝐷𝐵𝐿𝐶𝐷𝐵𝐿
𝑑𝑡
= 𝐽𝑎 − 𝐽𝑐       (F30) 
𝑉𝐷𝐵𝐿
𝑑𝐶𝐷𝐵𝐿
𝑑𝑡
= 𝐽𝑎 − 𝐽𝑐        (F31) 
Diluate reservoir 
𝑑𝑉𝐷𝑟
𝑑𝑡
= 𝐹1 − 𝐹2       (F32) 
𝑑𝑉𝐷𝑟𝐶𝐷𝑟
𝑑𝑡
= 𝐹1𝐶1 − 𝐹2𝐶𝐷𝑟 − 𝑅𝑝,𝐷𝑟𝑉𝐷𝑟     (F33) 
𝑑𝐶𝐷𝑟
𝑑𝑡
=
𝐹1
𝑉
(𝐶1 − 𝐶𝐷𝑟) − 𝑅𝑝,𝐷𝑟      (F34) 
Electrolyte reservoir 
𝑑𝑉𝐸𝑟
𝑑𝑡
= 𝐹8 + 𝐹9 − 𝐹10 − 𝐹11      (F35) 
𝑑𝑉𝐸𝑟𝐶𝐸𝑟
𝑑𝑡
= 𝐹8𝐶8 + 𝐹9𝐶9 − 𝐹10𝐶10 − 𝐹11𝐶11 − 𝑅𝑝,𝐸𝑟𝑉𝐸𝑟  (F36) 
𝑑𝐶𝐸𝑟
𝑑𝑡
=
𝐹8
𝑉𝐸𝑟
(𝐶8 − 𝐶𝐸𝑟) +
𝐹9
𝑉𝐸𝑟
(𝐶9 − 𝐶𝐸𝑟) − 𝑅𝑝,𝐸𝑟   (F37) 
Concentrate reservoir 
𝑑𝑉𝐶𝑟
𝑑𝑡
= 𝐹3 + 𝐹4 + 𝐹7 − 𝐹5 − 𝐹6     (F38) 
𝑑𝑉𝐶𝑟𝐶𝐶𝑟
𝑑𝑡
= 𝐹3𝐶3 + 𝐹4𝐶4 + 𝐹7𝐶7 − 𝐹5𝐶𝐶𝑟 − 𝐹6𝐶𝐶𝑟 − 𝑅𝑝,𝐶𝑟𝑉𝐶𝑟 − 𝑅𝐶𝑂2𝑉𝐶𝑟  (F39) 
𝑑𝐶𝐶𝑟
𝑑𝑡
=
𝐹3
𝑉
(𝐶3 − 𝐶𝐶𝑟) +
𝐹4
𝑉
(𝐶4 − 𝐶𝐶𝑟) +
𝐹7
𝑉
(𝐶7 − 𝐶𝐶𝑟) − 𝑅𝑝,𝐶𝑟 − 𝑅𝐶𝑂2  (F40) 
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Acid reservoir 
𝑑𝑉𝐴𝑟
𝑑𝑡
= 0 − 𝐹7        (F41) 
𝑑𝑉𝐴𝑟𝐶𝐴𝑟
𝑑𝑡
= 0 −  𝐹7𝐶𝐴𝑟       (F42) 
𝑑𝐶𝐴𝑟
𝑑𝑡
=
𝐹7
𝑉𝐴𝑟
(0 − 𝐶𝐴𝑟)       (F43) 
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Appendix G: Feed characterization 
Table G1: Initial diluate and concentrate solution composition taken from Luggage Point 
Sewage Treatment Plant early 2016. 
 
Digestate, no 
pH control 
Struvite effluent, 
no pH control 
Struvite effluent, 
pH control 
pH 8.08 8.96 9.01 
EC (mS/cm) 4.98 5.96 8.86 
Soluble NH4-N (mM) 42.79 38.27 24.44 
Soluble K (mM) 3.92 3.67 3.67 
Total K (mM) 4.11 3.81 3.75 
Ca soluble (mM) 1.05 0.40 0.43 
Ca total (mM)
 1.22 0.48 0.62 
Mg soluble (mM)
 0.18 2.94 19.22 
Mg total (mM)
 0.96 3.06 19.50 
Na soluble (mM) 17.68 27.51 36.98 
Na total (mM) 18.70 28.67 37.55 
Soluble P (mM) 1.75 0.04 0.00 
Total P (mM) 2.70 0.04 0.00 
Soluble S (mM) 0.57 0.62 0.74 
Total S (mM) 0.64 0.66 0.72 
Soluble PO4-P (mM) 2.01 0.06 0.12 
Soluble NOx-N (mM) 0.00 0.00 3.07 
Soluble NO2-N (mM) 0.00 0.00 1.82 
Acetic acid (VFA) (mM) 0.02 0.01 0.02 
CO3 (mM) 45.13 45.29 36.63 
TOC (mg/L) 3.00 0.00 0.00 
Cl  (IC, mM) 19.10 27.77 61.05 
Sulfide-S (IC, mM) 0.01 0.01 1.23 
Sulfite-S (IC, mM) 0.44 0.51 0.64 
Sulfate-S (IC, mM) 0.01 0.01 0.03 
Total COD (mg/L) 84.00 48.00 60.00 
TSS (mg/L) 470.00 230.00 300.00 
TS (mg/L) 4270.00 2040.00 1550.00 
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Figure G1: Data used in the experiments compared to average and 95% confidence intervals 
of 12-26 data points collected in the sampling at the Queensland Urban Utilities Innovation 
Centre at Luggage Point wastewater treatment plant during the first quarter of 2016. 
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Appendix H: Experimental results 
Change in conductivity, pH and total cell potential  
Concentrate conductivity increases over the 3 days of each experiment, but appears to plateau 
before the end of the experiments as shown in Figure S4.1. The pH of the concentrate stream 
in the first two treatments (without pH control) remained constant around pH 9.  The total 
cell potential strongly corresponds with the electrolyte conductivity, as potential rises as 
electrolyte depletes. 
 
Figure H1: Solution pH, conductivity and total cell potential. Two conductivity and pH points 
in the electrolyte for the same time occur at the times when the electrolyte solution was 
replaced.  
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Analysis of ionic fluxes  
The ICP results indicate that K, Ca, Mg, Na, P and S are all in the soluble phase after the start 
of the experiment (Figure S4.2). The centrate contains several times higher concentration of P 
compared to the struvite effluent. Also, despite the large increase in Mg for the struvite 
effluent and pH controlled experiment (treatment C), these results indicate Mg remains 
soluble throughout the experimental duration. 
The concentrate results in Figure S4.2 also show the consequence of the removal of inorganic 
ions due to precipitation. Component depletion in the diluate reservoir is constant over the 72 
h. However, in several cases (particularly for calcium and phosphorous) the concentrate 
concentration plateaus quickly. Due to the reservoir volumes, in an ideal system with no 
mineral formation, depletion in the diluate should create a 10 times increase in concentrate 
concentration. This plateauing effect is most clearly seen in the treatment using centrate 
where many of the components plateau or decrease in the concentrate stream indicating the 
formation of multiple precipitants. 
Important points from the additional results for soluble FIA, as well as TIC (CO3) and IC 
(Cl) include the large amount of TIC, chloride and sulfate in the concentrate streams by the 
end of the experiment. These results are included in Figures S4.3, S4.4 and S4.5. The only 
VFA detected is acetic acid, but in insignificant amounts (<0.07 mM). The initial diluate and 
concentrate had higher values for COD, TSS and TS in the centrate compared to the struvite 
reactor effluent. This suggests that the struvite reactor may be removing some solids and 
COD from the wastewater.  
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Figure H2: Soluble and insoluble concentration comparison for the three electrodialysis 
experiments.  
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Figure H3: Soluble concentrations of NH4
+
-N, PO4
3-
-P, NOx-N and NO2-N during the three 
electrodialysis experiments. 
 
126 
 
Figure H4: Molar concentrations of acetic acid, total inorganic carbon (TIC), total organic 
carbon (TOC), chloride (Cl), sulfide (S2), sulfite (O2S) and sulfate (SO4) in the initial (t=0 h) 
and last (t = 72 h) samples taken during the three electrodialysis experiments. 
 
Figure H5: Mass concentrations of chemical oxygen demand (COD), total suspended solids 
(TSS) and total solids (TS) in the start (t=0 h) and end (t = 72 h) samples taken during the 
three electrodialysis experiments. 
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Table H1: Summary of water fluxes observed during the three electrodialysis experiments. 
 
Change in 
feed volume 
(L) 
Change in 
product 
volume (L) 
Change in 
electrolyte 
volume (L) 
Change in 
pH control 
solution 
volume (L) 
Error between 
the 
measurements 
(L) 
Treatment A -0.79 4.70 -4.01 - -0.10 
Treatment B -0.86 1.52 0.04 - 0.70 
Treatment C -0.70 3.40 -1.57 -1.11 0.03 
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Appendix I: Membrane pictures 
Treatment A: Centrate   
 
Figure I1(a,b): Membrane Ac (directly next to the cathode). 
 
Figure I2(a,b): Membrane Cc (inner CEM). 
 
Figure I3(a,b): Membrane Aa (inner AEM). 
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Figure I4(a,b): Membrane Ca (directly next to anode). 
 
Treatment B: Struvite effluent, no pH control 
 
Figure I5(a,b): Membrane Ac (directly next to the cathode). Note: there was an error in 
labelling the anode facing side (the image on the right) this should read Ac, not Cc. 
 
Figure I6(a,b): Membrane Cc (inner CEM). 
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 Anode facing side picture not available. 
Figure I7(a,b): Membrane Aa (inner AEM). 
 
 
Figure I8(a,b): Membrane Ca (directly next to anode). 
 
Treatment C: Struvite effluent, pH control 
  
Figure I9(a,b): Membrane Ac (directly next to the cathode). 
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Figure I10(a,b): Membrane Cc (inner CEM). 
  
Figure I11(a,b): Membrane Aa (inner AEM). 
  
Figure I12(a,b): Membrane Ca (directly next to the anode). 
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Appendix J: Scanning electron microscopy results 
Due to file size these results are only partially represented in this Appendix J. See full images 
in the supplementary information from Thompson Brewster, E., Mehta, C.M., Radjenovic, J. 
and Batstone, D.J. (2016) A mechanistic model for electrochemical nutrient recovery systems. 
Water Research, 94, 176-186, DOI: 10.1016/j.watres.2016.02.032. 
Treatment A – scale on the product side of the inner CEM 
 
Figure J1: Treatment A, primary scale area (concentrate side of CEM), 200x magnitude, 
secondary SEM image. 
 
Figure J2: Treatment A, primary scale area (concentrate side of CEM), 200x magnitude, 
backscatter SEM image. 
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Interpretation of SEM and SEM-OES results 
The backscatter and secondary imaging results suggest that the CEM for treatment A has a 
varied composition, size and structure of the mineral species in the specimen. SEM-OES 
results suggest mineral species likely to be present include calcium carbonate, calcium 
phosphate and magnesium phosphate or struvite.  
 
Treatment A – scale on the product side of the inner AEM 
 
Figure J3: Treatment A, secondary scale area (concentrate side of AEM), 200x magnitude, 
secondary SEM image. 
 
Figure J4: Treatment A, secondary scale area (concentrate side of AEM), 200x magnitude, 
backscatter SEM image. 
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Interpretation of SEM and SEM-OES results 
The backscatter and secondary imaging results suggest that the AEM for treatment A has a 
varied composition, size and structure of the mineral species in the specimen, similar to the 
CEM, but also with the presence of organics. SEM-OES results suggest mineral species likely 
to be present include calcium phosphate and magnesium phosphate or struvite similar to the 
CEM from treatment A, but calcium carbonate was not observed to be present here.  
 
Treatment B – scale on the product side of the inner CEM 
 
Figure J5: Treatment B, primary scale area (concentrate side of CEM), 200x magnitude, 
secondary SEM image. 
 
Figure J6: Treatment B, primary scale area (concentrate side of CEM), 200x magnitude, 
backscatter SEM image. 
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Interpretation of SEM and SEM-OES results 
Backscatter and secondary imaging, and SEM-OES results suggest that the scale on the CEM 
for treatment B has a consistent, small shape and consistent composition of calcium 
carbonate. 
 
Treatment B – scale on the product side of the inner AEM 
 
Figure J7: Treatment B, secondary scale area (concentrate side of AEM), 200x magnitude, 
secondary SEM image. 
 
Figure J8: Treatment B, secondary scale area (concentrate side of AEM), 200x magnitude, 
backscatter SEM image. 
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Interpretation of SEM and SEM-OES results 
The backscatter and secondary imaging results suggest that the scale on the AEM for 
treatment B has a more varied shape and consistent composition compared to the CEM in 
treatment B, but much less diversity than for treatment A. Organics are observed here, and the 
observed SEM-OES results suggest the minerals are of magnesium phosphate or struvite and 
calcium carbonate. 
 
Treatment C – scale on the product side of the inner AEM 
 
Figure J9: Treatment C, primary scale area (concentrate side of CEM), 200x magnitude, 
secondary SEM image. 
 
Figure J10: Treatment C, primary scale area (concentrate side of CEM), 200x magnitude, 
backscatter SEM image. 
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Interpretation of SEM and SEM-OES results 
The backscatter and secondary imaging results, and SEM-OES results suggest that the scale 
on the inner AEM for treatment C is all magnesium phosphate or struvite, but in two clear and 
distinct forms, one with low carbon content and one with high carbon content, perhaps 
indicating contamination with organics. The specimen was uniform in size and shape with 
larger sized pieces than previous runs. 
 
Treatment C – scale on the outer AEM 
 
Figure J11: Treatment C, secondary scale area (concentrate side of AEM), 200x magnitude, 
secondary SEM image. 
 
Figure J12: Treatment C, secondary scale area (concentrate side of AEM), 200x magnitude, 
backscatter SEM image. 
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Interpretation of SEM and SEM-OES results 
The backscatter and secondary imaging results suggest that the scale on the outer AEM for 
treatment C has much larger sized crystals than the previous runs, some almost 1 mm. SEM-
OES suggests the composition of minerals is magnesium phosphate or struvite, again with 
low or high carbon content. Organics were also observed to be present. Of interest, sulfur is 
only observed in organic parts of the specimen. 
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Appendix K: Model calibration and validation results 
 
Figure K1: Model and experimental results for main components and pH from electrodialyis 
experiments for the following treatments: A) centrate, B) centrate plus pre-treatment through 
struvite crystallization and C) the same as B) plus the concentrate stream pH was controlled at 
pH 5.  
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Appendix L: Ideal model 
Manually increasing the concentration of different component inputs confirms that the Davies 
activity correction is valid up to ionic strength of 0.5-0.7 M. The same trend is observed using 
the Flores-Alsina et al. (2015) framework and Visual MINTEQ (Version 3.0). After 
approximately 0.7 M, the activity coefficient begins to increase, rather than decrease, with 
increasing ionic strength. At approximately 1.8-2.0 M the activity coefficient becomes greater 
than 1. This erroneous output was observed to occur when studying the middle chamber 
concentrations of UGold. Table 1 shows the equilibrium concentrations of components in the 
middle chamber, and the corresponding ionic strength, monovalent activity coefficient and pH 
using Davies, SIT and Debye-Huckel methods in Visual MINTEQ. Table 1 indicates that only 
an SIT method would only be appropriate for this system as Davies and Debye-Huckel 
methods result in activity coefficients greater than 1.  
The speciation code was adapted to use ideal conditions, meaning the activity coefficient was 
set to 1. This allows pH, ion-pairing and acid-base dissociation to still be evaluated across the 
dynamic ED model, but under the assumption of ideal conditions. Comparing pH, ammonium 
and carbonate components in the model and experimental chambers, a 𝜒2 test was performed 
with 95% confidence to determine whether there was a difference in model output using the 
Davies activity correction or the ideal model. The critical F value was less than the critical F 
value, indicating that the models are not significantly different. In addition, the R
2
 of both the 
Davies and ideal models were both 0.98, indicating no different in their ability to reflect the 
variance present in the experimental data.  
The lack of difference between the ideal and Davies models is because the diffusion and 
convection transport are functions of the concentrations, and not activities. In addition, the 
majority of migratory transport is due to the ratio of activities of species in the anolyte and 
catholyte. In the anolyte and catholyte the ionic strength is low, and the ratio of activities is 
unlikely to differ. While an ideal model is not perfect (no models are), it is determined to be a 
reasonable assumption in this system for studying limiting mechanisms to middle chamber 
aqueous concentrations. It would be important to include a valid activity correction should the 
model be used to study super-saturation in the middle chamber as this is dependent on ionic 
activity and not concentration. 
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Table L1: Summary of middle chamber concentrations and their calculated ionic strengths 
using Davies, SIT and Debye-Huckel methods in Visual MINTEQ (version 3.0). 
Components and parameters of interest Run 1 Run 2 Run 3 
Na (mM) 280.6 384.7 353.3 
K (mM) 192.8 237.3 235.8 
NH4 (mM) 2033.9 2444.5 1848.0 
Cl (mM) 536.9 575.52 538.2 
Ac (mM) 285.43 371.65 0 
CO3 (mM) 1002.2 1222.0 1118.6 
SO4 (mM) 59.19 70.4 62.4 
PO4 (mM) 84.21 90.7 85.3 
Davies ionic strength (MINTEQ) (M) 1.9543 2.2546 1.8191 
Davies monovalent activity coefficient (MINTEQ) 1.0039 1.0937 0.9670 
Davies pH (MINTEQ) 8.732 8.812 8.847 
SIT ionic strength (MINTEQ) (M)
1 
2.2443 2.6577 2.2058 
SIT monovalent activity coefficient (MINTEQ) (M)
1 
0.6177 0.6178 0.6297 
SIT pH (MINTEQ)
1
 9.102 9.064 9.188 
Debye-Huckel ionic strength (MINTEQ) (M) 2.3366 2.8125 2.2441 
Debye-Huckel monovalent activity coefficient (MINTEQ) (M) 1.1201 1.2912 1.0904 
Debye-Huckel pH (MINTEQ)  8.886 8.991 8.966 
1
The SIT simulations were performed using pH calculated from a mass balance, not a mass 
and charge balance as there was an error when using a mass and charge balance.  
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Appendix M: Model state equations 
For Appendix M the following nomenclature is used: 
C – concentration of each component (mol m-3) 
Ja – flux of ionic component across the membrane from the anode side (mol s-1) 
Jc – flux of ionic component across the membrane from the cathode side (mol s-1) 
Q – flow rate (m3 s-1, note that Q5 and Q6 represent osmotic or electroosmotic flows across the 
CEM and AEM, respectively) 
Subscript Cc – the catholyte chamber 
Subscript Pc – the middle chamber 
Subscript Ac – the anolyte chamber 
Subscript Por – product overflow reservoir 
Subscript Fir – feed in reservoir 
Subscript For – feed out reservoir 
V – volume (m3) 
Catholyte chamber  
Step 1: changing volume 
𝑑𝑉𝐶𝑐
𝑑𝑡
= 𝑄2 − 𝑄3 − 𝑄6 = 0       (M1) 
Step 2: Mass differential 
𝑑𝑉𝐶𝑐𝐶𝐶𝑐
𝑑𝑡
= 𝑄2𝐶2 − 𝑄3𝐶𝐶𝑐 + 𝐽𝑎          (M2) 
Step 3: General expansion term 
𝑑𝑉𝐶
𝑑𝑡
= 𝐶
𝑑𝑉
𝑑𝑡
+ 𝑉
𝑑𝐶
𝑑𝑡
            (M3)  
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Step 4: Sub step 1 into first RHS term and sub step 2 into LHS term 
𝑉𝐶𝑐
𝑑𝐶𝐶𝑐
𝑑𝑡
= −𝐶𝐶𝑐(𝑄2 − 𝑄3 − 𝑄6) +   𝑄2𝐶2 − 𝑄3𝐶𝐶𝑐 + 𝐽𝑎   (M4) 
𝑑𝐶𝐶𝑐
𝑑𝑡
=
(𝑄2−𝑄3−𝑄6)
𝑉𝐶𝑐
(−𝐶𝐶𝑐) +
𝑄2
𝑉𝐶𝑐
𝐶2 −
𝑄3
𝑉𝐶𝑐
𝐶𝐶𝑐 +
1
𝑉𝐶𝑐
(𝐽𝑎)   (M5) 
𝒅𝑪𝑪𝒄
𝒅𝒕
=
(𝑸𝟐−𝑸𝟔)
𝑽𝑪𝒄
(−𝑪𝑪𝒄) +
𝑸𝟐
𝑽𝑪𝒄
𝑪𝟐 +
𝟏
𝑽𝑪𝒄
(𝑱𝒂)     (M6) 
Product chamber 
𝑑𝑉𝑃𝑐
𝑑𝑡
= 𝑄6 + 𝑄5 − 𝑄4 = 0      
 
(M7) 
𝑑𝑉𝑃𝑐𝐶𝑃𝑐
𝑑𝑡
= 0 − 𝑄4𝐶𝑃𝑐 + 𝐽𝑎 − 𝐽𝑐 − 𝑅𝑝,𝑃𝑐𝑉𝑃𝑐    
 
(M8) 
𝑉𝑃𝑐
𝑑𝐶𝑃𝑐
𝑑𝑡
= −𝐶𝑃𝑐(𝑄6 + 𝑄5 − 𝑄4) − 𝑄4𝐶𝑃𝑐 + 𝐽𝑎 − 𝐽𝑐 − 𝑅𝑝,𝑃𝑐𝑉𝑃𝑐 
 
(M9) 
𝑑𝐶𝑃𝑐
𝑑𝑡
= −
(𝑄6+𝑄5−𝑄4)
𝑉𝑃𝑐
(𝐶𝑃𝑐) −
𝑄4
𝑉𝑃𝑐
(𝐶𝑃𝑐) +
1
𝑉𝑃𝑐
(𝐽𝑎 − 𝐽𝑐 )  − 𝑅𝑝,𝑃𝑐  (M10) 
𝒅𝑪𝑷𝒄
𝒅𝒕
=
(𝑸𝟔+𝑸𝟓)
𝑽𝑷𝒄
(−𝑪𝑷𝒄) +
𝟏
𝑽𝑷𝒄
(𝑱𝒂 − 𝑱𝒄 )  − 𝑹𝒑,𝑷𝒄    (M11) 
 
Anolyte chamber 
𝑑𝑉𝐴𝑐
𝑑𝑡
= 𝑄1 − 𝑄5 − 𝑄2 = 0     
  
(M12) 
𝑑𝑉𝐴𝑐𝐶𝐴𝑐
𝑑𝑡
= 𝑄1𝐶1 − 𝑄2𝐶𝐴𝑐 − 𝐽𝑐     
  
(M13) 
𝑉𝐴𝑐
𝑑𝐶𝐴𝑐
𝑑𝑡
= −𝐶𝐴𝑐(𝑄1 − 𝑄5 − 𝑄2) +  𝑄1𝐶1 − 𝑄2𝐶𝐴𝑐 − 𝐽𝑐   (M14) 
𝑑𝐶𝐴𝑐
𝑑𝑡
= −
𝑄1−𝑄5−𝑄2
𝑉𝐴𝑐
𝐶𝐴𝑐 +
𝑄1
𝑉𝐴𝑐
𝐶1 −
𝑄2
𝑉𝐴𝑐
𝐶𝐴𝑐 −
𝐽𝑐
𝑉𝐴𝑐
    (M15) 
𝒅𝑪𝑨𝒄
𝒅𝒕
=
(𝑸𝟓+𝑸𝟐)
𝑽𝑨𝒄
𝑪𝑨𝒄 −
𝑸𝟐
𝑽𝑨𝒄
𝑪𝑨𝒄 −
𝑱𝒄
𝑽𝑨𝒄
      (M16) 
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Product overflow reservoir 
𝒅𝑽𝑷𝒐𝒓
𝒅𝒕
= 𝑸𝟒 − 𝟎 ≠ 𝟎        (M17) 
𝑑𝑉𝑃𝑜𝑟𝐶𝑃𝑜𝑟
𝑑𝑡
= 𝑄4𝐶4 − 0       (M18) 
𝑉𝑃𝑜𝑟
𝑑𝐶𝑃𝑜𝑟
𝑑𝑡
= −𝐶𝑃𝑜𝑟(𝑄4 − 0) +   𝑄4𝐶4      (M19) 
𝒅𝑪𝑭𝒐𝒓
𝒅𝒕
=
𝑸𝟒
𝑽𝑷𝒐𝒓
(𝑪𝟒 − 𝑪𝑷𝒐𝒓)       (M20) 
Feed in reservoir 
𝒅𝑽𝑭𝒊𝒓
𝒅𝒕
= 𝟎 − 𝑸𝟏  ≠ 𝟎        (M21) 
𝑑𝑉𝐹𝑖𝑟𝐶𝐹𝑖𝑟
𝑑𝑡
=  − 𝑄1𝐶𝐹𝑖𝑟        (M22) 
𝑉𝐹𝑖𝑟
𝑑𝐶𝐹𝑖𝑟
𝑑𝑡
= −𝐶𝐹𝑖𝑟(0 − 𝑄1) −  𝑄1𝐶𝐹𝑖𝑟     (M23) 
𝒅𝑪𝑭𝒊𝒓
𝒅𝒕
=
𝑸𝟏
𝑽𝑭𝒊𝒓
(𝑪𝑭𝒊𝒓 −  𝑪𝑭𝒊𝒓) = 0      (M24) 
Feed out reservoir 
𝒅𝑽𝑭𝒐𝒓
𝒅𝒕
= 𝑸𝟑 − 𝟎 ≠ 𝟎        (M25) 
𝑑𝑉𝐹𝑜𝑟𝐶𝐹𝑜𝑟
𝑑𝑡
= 𝑄3𝐶3        (M26) 
𝑉𝐹𝑜𝑟
𝑑𝐶𝐹𝑜𝑟
𝑑𝑡
= −𝐶𝐹𝑜𝑟(𝑄3 − 0) +  𝑄3𝐶3     (M27) 
𝒅𝑪𝑭𝒐𝒓
𝒅𝒕
=
𝑸𝟑
𝑽𝑭𝒐𝒓
(𝑪𝟑 − 𝑪𝑭𝒐𝒓)       (M28) 
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Appendix N: Ammonia stripping test 
Visually it was difficult to determine whether including ammonia stripping in the middle 
chamber improved the model fit to experimental data. Therefore, the same statistical 𝜒2-test 
was performed as in Appendix L, to determine whether a model not including ammonia 
stripping in the middle chamber was different to a model including ammonia stripping in the 
middle chamber. The best fit kla value was determined to be 0.11 h
-1
. The test showed the 
models are not significantly different with an F statistic of 1.07 less than a critical F value of 
1.34. In addition, the R
2
 values for the no stripping model is 0.976 and with stripping 0.982. 
Indicating that including an ammonia stripping model only accounts for 0.6% more variance 
than a model without ammonia stripping. To not add unnecessary complexity to the model, 
ammonia stripping was not included in the subsequent analysis. 
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Appendix O: Model validation  
 
Figure O4: Model validation of component concentrations for the three experiments. 
 
 
147 
 
Figure O2: Model validation of pH for the three experiments. 
 
  
148 
Appendix P: Model sensitivity analysis  
 
Figure P1: Parameter sweeps of current density, acetate conversion, salt addition, flow rate 
and membrane properties showing middle chamber component concentrations (top row) and 
pH (bottom row) at equilibrium.  
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Appendix Q: Flux results  
Current density 
 
Figure Q1: Species fluxes at different applied currents demonstrating the impact of current 
leakage at applied currents greater than 90 A m
-2
. 
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Acetate conversion 
 
Figure Q2: Fluxes at 0% and 100% acetate conversion.  
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Salt impurity 
 
Figure Q3: Fluxes at 0 and 500 mM additional NaCl in the feed.  
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Flow rate 
 
Figure Q4: Fluxes into the middle chamber with varying flow rate.  
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Membrane properties  
 
Figure Q5: Ionic fluxes at varying membrane resistance into the middle chamber. 
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Figure Q6: Ionic fluxes at varying membrane resistance to NH3 into the middle chamber. 
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Figure Q7: Different ionic fluxes at varying water flux to the middle chamber when 
simulations reached steady state. 
